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ABSTRACT
Hydrogen as a clean energy carrier has drawn great attention. Production of H 2
from sustainable bio-oil is considered an alternative for conventional fossil fuel based
energy system, since the overall process of bio-oil converting to H2 ideally is
carbon-neutral and hence environmental friendly.
This study focuses on developing an adequate catalyst for bio-oil steam
reforming to produce H2. Ruthenium and/ or nickel based catalysts supported on
alumina, ceria-alumina or ceria-silica were synthesized by sol-gel method or incipient
wetness impregnation and characterized using BET Surface area analysis, Powder
X-Ray diffraction (XRD), Temperature Programmed Reduction (TPR) and Scanning
Electron Microscopy (SEM). Steam reforming of selected model compounds,
n-propanol, glycerol and acetic acid, was investigated in a fixed bed tubular flow
reactor over the prepared catalysts at 450 or 500 °C. The effects of support nature,
preparation method, catalyst composition and reaction temperature on the steam
reforming activity and stability of catalysts were studied. Catalysts showing better
performance in terms of reactant conversion and H2 yield were selected for
investigating the steam reforming of an acetic acid/glycerol aqueous mixture,
consisting of acetic acid and glycerol with a weight ratio of 3/7 similar to a bio-oil
generated from fast pyrolysis of cellulose. The steam-to-carbon ratio (S/C) and the
flow rate of feed were constant at 4 and 0.1 ml/min, respectively. The effluent gas was
monitored by GC/TCD and the evolution of carbon conversion and product gas
distribution as a function of time was studied.
Among all catalysts investigated, the one with nominal composition
A10C10N1Rnc showed the best performance in steam reforming at 500 °C as
indicated by higher and more stable H2 yields achieved regardless the reactant used.
ii

In order to investigate the sorption-enhanced steam reforming, three CaO-based
CO2 absorbents were synthesized: two derived from calcium acetate with or without
MgO support, noted as CAM and CA, respectively, and the other MgO-supported one
derived from calcium d-gluconate, denoted as CGM. Results from the
15-carbonation/regeneration-cycle test suggested that the MgO-containing absorbent
CAM has the highest CaO molar conversion and stable CO2 absorption capacity.
Though significantly higher CO2 absorption capacity was shown from absorbent CA
in the first one cycle, CA absorbent soon lost most of the CO2 absorption capacity due
to severe sintering. In addition, the CO2 absorption capacity of absorbent CGM might
be underestimated due to insufficient carbonation time.
The A10C10N1Rnc catalyst and the CAM absorbent were applied in the steam
reforming of acetic acid/glycerol mixture at 500°C. However, no significant
improvement can be observed in the presence of absorbent CAM.
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CHAPTER I
Introduction
1.1 Background
In recent years, the finite reserve of non-renewable fossil fuels, the emission
of carbon dioxide from fossil fuel combustion which is considered as the primary
greenhouse gas, and the potential catastrophe brought by nuclear power plants
accidents are the main reasons for scientists to devote their passion to investigate
new sustainable energy sources to meet the rapidly growing global energy demand
in the future.
Hydrogen, which is the lightest and one of the most common elements in the
world, with its highly packed energy density in the H-H bond, has been perceived
as a viable sustainable clean energy carrier, yielding only water during oxidation
processes. The energy yield of hydrogen is 122 MJ per kg which is the highest
among all fuels and energy carriers. 1 Hence, the feasibility of realizing a
non-carbon based hydrogen economy for energy system is being assessed
worldwide.
Hydrogen can be generated from a large variety of materials, i.e. water, fossil
fuels, biomass, etc, by using several approaches, which can be broadly classified
into three major categories based on the nature of chemical processing and energy
input, namely thermochemical, electrochemical and biological methods. 2,3 Many
methods, such as biophotolysis4, are decades away from large scale, cost-effective
implementation and, currently, hydrogen is mainly produced from methane
reforming using natural gas as major primary source and water electrolysis.3
Water electrolysis5 may be the cleanest technology only involving the breakage
1

of water molecules into hydrogen and oxygen without any by-products. However,
since it requires cheap energy sources to generate the electricity needed, this
method is regionally dependant and around 80% of operating cost of hydrogen
production is expended on this method,6 therefore, water electrolysis produces
much less amount of hydrogen than natural gas reforming. Natural gas, consisting
primarily of methane, has high H/C ratio and is economical-friendly. Compared to
water electrolysis which is usually only practical for small hydrogen requirements,
reforming of methane is used for large scale hydrogen production. Common
methane reforming technologies for hydrogen production are steam reforming
(SR), partial oxidation and autothermal reforming. Major processes taking place
during these methods are as following:
CH4 + H2O → CO + 3 H2

( 1.1 )

CO + H2O ⇌ CO2 + H2

( 1.2 )

CxHy + (x/2) O2 → x CO + (y/2) H2

( 1.3 )

2 CO → C + CO2

( 1.4 )

CH4 → C + 2 H2

( 1.5 )

Reaction 1.1, noted as methane steam reforming (MSR), is endothermic hence
usually requires higher temperature for sufficient reforming. Reaction 1.2,
water-gas shift (WGS), and 1.3, partial oxidation (POX), are both exothermic and
thus can provide the energy MSR needed. Accordingly, MSR coupled with POX
becomes autothermal reforming (ATR) process, meaning no extra external heat
needed for reformer. However, WGS is reversible and prefers lower temperature,
on the contrary to MSR, to shift the equilibrium towards H2 production, thus
catalysts are commonly applied to reduce the reforming temperature, which not
only benefits the H2 selectivity but also lowers the cost on external heat provision.
2

Equations 1.4 and 1.5 are responsible for carbon deposition which will deactivate
the catalysts. Due to the requirement of oxygen plants installation, for high
capacity plants, POX and ATR are not as cost effective as steam reforming;
therefore, natural gas steam reforming plays the main role in industrial hydrogen
production nowadays. However, natural gas cannot meet the sustainability goal
and a large amount of CO2 is emitted, from both reforming, as a by-product, and
the combustion of heat-supply fuel, as the exhaust gas. Plus, the key factor of
long-term hydrogen economy is the cheap and renewable primary source, thus,
biomass as one of the alternatives is gaining a great deal of attention.

3

1.2 Biomass
Biomass-based technologies can produce hydrogen with zero net CO2
emission since the CO2 released during hydrogen extraction will be recycled by
future biomass growth. 7 Plant biomass (lignocellulosic biomass) is the most
abundant biomass form, its major resources including crops, agricultural residues
and forestry wastes. Being an ideal renewable energy source, it should not
compete with the global food supply, therefore, over the direct use of crops as
energy resources, inedible and waste lignocellulosic biomass such as corn stover
and wood waste is more favorable. However, there are problems associated with
the wide usage of biomass in the transport sector since the storage, distribution
and transport network developed for fossil fuels cannot accommodate solid
biomass, which only has bulk density as low as 150 kg/m3.11 Therefore,
techniques which transform solid biomass into gas or liquid of higher value are
commonly adapted as the first step of biomass conversion to hydrogen, which are
mainly through thermochemical processes. Biomass gasification 8 to produce
syn-gas and fast pyrolysis 9 to produce bio-oil are two currently available
technologies.
1.2.1 Biomass gasification
When the moisture content of biomass is less than 35%, gasification is often
conducted at temperature above 727 °C in the presence of oxygen/air and/or steam,
generating gases (CO2, CO, H2, CH4, light hydrocarbons, etc.) and tars. Tars are
aromatic hydrocarbons generally formed by the condensation of organic matter in
the gasifier, with more complex structure which is not favorable for hydrogen
production, thus are unwanted products. By eliminating tar formation with a
fluidized bed gasifier and proper catalysts, such as dolomite-loaded nickel
catalysts and alkaline metal oxides, high conversion efficiency (H2 production of
4

about 60 vol %) can be achieved. With biomass having moisture contents higher
than 35%, gasification in supercritical water can be applied. Supercritical water is
obtained at pressures above 221 bar and temperature above 274 °C. Biomass can
be hydrothermally degraded into gas mixture (H2, CH4, CO2 and CO) and tar at
temperatures above 600 °C and pressures exceeding the critical value.
1.2.2 Biomass fast pyrolysis
Though biomass gasification is mature and already commercially available,
high energy requirement to reduce tar formation, improve product gas purity and
conversion efficiency makes it an expensive process. Fast pyrolysis, on the other
hand, is cheaper. Moreover, the overall energy ratio (ratio of heating value of the
product hydrogen to that of the biomass feed) of hydrogen produced from fast
pyrolysis (up to 91%) is also higher than that from gasification (up to 83%). Fast
pyrolysis involves the thermal decomposition of biomass at temperatures around
500 °C with rapid heating and cooling rate (1000 – 10 °C /s) and short residence
time (generally in the order of faction of a second) in an inert atmosphere. Bio-oil,
biochar and non-condensable gaseous products (CO, H2, CO2 and CH4) are
formed, with different distributions depending on the feed type and operation
conditions. Bio-char, as an active vapor cracking catalyst which is detrimental to
liquid yield, should be effectively and rapidly separated by exported as by-product
or combusted for heating purposes. By controlling the severity of pyrolysis,
bio-oil with up to 75% yield on the dry biomass feed basis can be produced.
Hence, the substantial improvement in the performance of hydrogen production
from fast pyrolysis oil is an attractive area of research.

5

1.3 Bio-oil
Bio-oil, also called pyrolysis oil or bio-crude, is a complex product from fast
degradation of hemicelluloses, cellulose and lignin, consisting of hundreds kinds
of oxygenates. 10 Over 100 different biomass types have been tested for fast
pyrolysis and most feeds achieved a high yield of liquid with low ash content.11
The specific composition of bio-oil depends upon the feedstock used and the
process conditions.
Typically, bio-oil is a dark brown homogeneous liquid and has a density (1.1
– 1.3 kg/m3) up to 10 times higher than that of biomass, hence more suitable for
transport. Other basic properties are listed in table 1.1:12,13
Table 1.1 Basic properties of bio-oil.
Physical property

Typical value

Moisture content (wt%)

15 – 30

pH

2.0 – 3.7

Elemental composition (wt%)
C

32 – 58

H

5.5 – 8.6

O

35 – 60

N

0 – 0.2

Viscosity (40 ℃ and 25% water) (cP) 40 – 100
Lower heating value (MJ/ kg)

13 – 18

As the main elemental components of bio-oil are carbon, hydrogen and oxygen,
its empirical chemical formula should be CnHmOk·xH2O. The strong acidity
corresponds to substantial amounts of organic acids, such as acetic acid and
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formic acids, contained in bio-oil and the high oxygen content makes bio-oil
immiscible with hydrocarbon fuels while more active. By adding water, bio-oil
can be separated into an aqueous fraction, containing mainly oxygenates, and a
hydrophobic fraction, composed mostly of oligomeric materials. 14 The original
continuous phase of bio-oil can be considered as a micro-emulsion in which large
lignin derived molecules are stabilized by aqueous solution of oxygenated
compounds. As bio-oil is collected by rapid quenching from pyrolysis
temperatures, this micro-emulsion structure is not at thermodynamic equilibrium
at storage temperatures and inclined to breakdown, leading to aging and resulting
in composition change, increased viscosity and, more extremely, phase
separation.11 Expensive equipment and pumping cost will be required due to the
high viscosity and high pressure drop of aged liquid. Thus, though water addition
will decrease the heating value of bio-oil, the water-rich fraction generated is
chemically more stable and generally used for reforming to produce hydrogen. It
is considered as one of the bio-oil upgrading methods. In this case, hydrogen
becomes the energy carrier instead of bio-oil itself. Meanwhile, the oil fraction can
be used for other economic considerations.

The main techniques for reforming bio-oil into hydrogen are catalytic steam
reforming (SR),14 catalytic POX,15 ATR16 and aqueous phase reforming17, among
which catalytic steam reforming is most popular and has relatively higher
conversion efficiency.18 Because of the complexity of the components of bio-oil,
steam reforming of model compounds, which represent the major groups in
bio-oil, was carried out separately as the preliminary study of the reforming of
entire bio-oil. For instance, ethanol represents alcohols and acetic acid represents
acids.
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1.4 Catalytic steam reforming of model compounds with or without CO2 sorbent
1.4.1 Thermodynamic analysis
SR of oxygenated fuels (CnHmOk) reaction is:
CnHmOk + (n-k) H2O ⇌ n CO + (n + m/2 – k) H2

( 1.6 )

Coupled with WGS (2), the overall SR process can be presented as:
CnHmOk + (2n-k) H2O → n CO2 + (2n + m/2 – k) H2

( 1.7 )

As bio-oil components with high oxygen content are reactive and generally
unstable under SR conditions, thermal decomposition of reactants commonly
occur along with SR:
CnHmOk → CxHyOz + (H2, CO, CO2, CH4, …) + coke

( 1.8 )

By thermodynamic analysis, optimum regions of SR variables (temperature (T),
pressure (P) and steam-to-carbon ratio (S/C)) in which oxygenates are
thermodynamically favorable for converting to hydrogen-rich streams can be
investigated. Several model compounds were selected and, commonly, only H2,
CH4, CO, CO2, un-reacted water and feed, and carbon deposition (C) are
considered as main products basing on data from SR tests. The method of Gibbs
free energy minimization is used to calculate the equilibrium compositions of
product stream. Since CO and CO2 do not compete with H2, they are considered
as impurities; hydrocarbon CH4, on the other hand, is the undesirable
hydrogen-competing by-product. Besides direct decomposition of oxygenates (eq.
1.8), CH4 can also be derived from methanation, which hence should be avoided
for higher H2 yield:
CO + 3 H2 ⇌ CH4 + H2O ΔH°298 K = - 49.24 Kcal/mol

( 1.9 )

CO2 + 4 H2 ⇌ CH4 + 2 H2O ΔH°298 K = - 39.41 Kcal/mol

( 1.10 )

Li et al.1 carried out a systematic thermodynamic study on SR of representative
8

oxygenate fuels derived from biomass, including monohydric alcohols (methanol,
ethanol, n-propanol, n-butanol and n-hexanol), polyols (ethylene glycol and
glycerol), glucose, acetic acid and acetone, in a simplified equilibrium model
integrated with a steam reformer and a H2-O2 proton exchange membrane fuel cell
(PEMFC) in which hydrogen produced from reformer was used as fuel for energy
production. The net power output was defined as the difference of the PEMFC
power minus the power used by the endothermic steam reformer. A negative net
power output implied an inappropriate oxygenated fuel for H2 production by SR
from the thermodynamic aspect. The feasible operational window of S/C was
constrained by the lower limit, under which carbon deposition was severe, and the
higher limit, with which the net power output became zero, since more energy was
needed to vaporize water. The overall SR reactions of these oxygenates are:
Methanol:
CH4O + H2O → CO2 + 3 H2 ΔH°298 K = 11.70 Kcal/mol

( 1.11 )

C2H6O + 3 H2O → 2 CO2 + 6 H2 ΔH°298 K = +41.48 Kcal/mol

( 1.12 )

Ethanol:

n-propanol:
C3H8O + 5 H2O → 3 CO2 + 9 H2 ΔH°298 K = +68.38 Kcal/mol

( 1.13 )

n-butanol:
C4H10O + 7 H2O → 4 CO2 + 12 H2 ΔH°298 K = +93.96 Kcal/mol

( 1.14 )

n-hexanol:
C6H14O + 11 H2O → 6 CO2 + 18 H2 ΔH°298 K = +277.39 Kcal/mol ( 1.15 )
Ethylene glycol:
C2H6O2 + 2 H2O → 2 CO2 + 5 H2 ΔH°298 K = +21.25 Kcal/mol
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( 1.16 )

Glycerol:
C3H8O3 + 3 H2O → 3 CO2 + 7 H2 ΔH°298 K = +30.52 Kcal/mol

( 1.17 )

Glucose:
C6H12O6 + 6 H2O → 6 CO2 + 12 H2 ΔH°298 K = +89.68 Kcal/mol ( 1.18 )
Acetic acid:
C2H4O2 + 2 H2O → 2 CO2 + 4 H2 ΔH°298 K = +32.23 Kcal/mol

( 1.19 )

C3H6O + 5 H2O → 3 CO2 + 8 H2 ΔH°298 K = 58.66 Kcal/mol

( 1.20 )

Acetone:

In addition to H2, CO, CO2, CH4 and carbon, ethylene, acetaldehyde and ethane
were also considered in the product of reforming of oxygenates other than
methanol. The equilibrium composition of reformate was also calculated by Gibbs
free-energy minimization. Their major observations were as follows. First of all,
the decreasing coking limits of S/C at increasing temperature indicated that higher
temperature promoted carbon oxidation, gasification and reforming thus
suppressed the coke formation. Secondly, under certain temperature, the coke S/C
decreased with an increasing atomic ratio of oxygen/carbon in oxygenate,
indicating that the introduction of oxygen atom in the fuel was beneficial for coke
suppression. With the same oxygen-to-carbon atomic ratio, heavier fuels had
slightly higher coking S/C limits, resulted from higher carbon fraction. Then, the
operational S/C windows of fuels were influenced by both temperature and the
atomic ratio of hydrogen/carbon in oxygenate. More specifically, the window
narrowed down rapidly at low temperature region due to less H2 produced and
hence less PEMFC power generated. The overlapping between coke and optimal
(at which the net power output reached maximum) S/Cs at temperature below
600 °C or above 800 °C suggested that H2 production by SR reactions of
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oxygenates selected were impractical under very low or high temperatures. With
the same oxygen-to-carbon atomic ratio, the wideness of S/C window increased
with the increasing hydrogen-to-carbon atomic ratio because of higher hydrogen
atom fraction and less C-C bond breakage needed. Likewise, in cases of
monohydric alcohols, the lighter the molecules, the shorter the carbon chain and
the wider the S/C window. Moreover, the nearly closing operational S/C windows
made acetic acid and glucose inappropriate for H2 production by SR without
catalysts. The main reason was the strongly endothermic property of SR of highly
oxygenated and heavy fuels. On the contrary, methanol offered the widest
operational regime and the highest energy efficiency. Taking the overall energy
efficiency of SR-PEMFC system into consideration as well, the appropriate
operating temperature range was 600 – 700 °C. They also investigated the
composition of reformate under the conditions at which fuels achieved their
highest net power output. By comparing the product ratios of H2 to CO at different
temperatures, the fact that lower temperatures preferred H2 production via WGS
was revealed, indicated by higher H2 to CO product ratios. Lower H2 to CO
product ratios could be achieved at temperatures higher than 700 °C due to the
limited WGS or by using fuels with higher oxygenation degree such as acetone
and acetic acid. Monohydric alcohols had the highest H2 to CO product ratios and
the reformate compositions were almost independent of their carbon chain lengths
in the case of alcohols lighter than n-hexanol. At the same temperature, the rank of
oxygenates in term of the H2 to CO product ratio was: monohydric alcohols >
acetone > ethylene glycol > glycerol > acetic acid = glucose. Vagia and
Lemonidou2 studied the effects of T, P and S/C on SR of acetic acid, ethylene
glycol and acetone, which represented the major classes of bio-oil aqueous
mixture. They found that these three oxygenates could all be easily and fully
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converted at all conditions examined (T = 127 – 1027 °C, steam-to-fuel ratios
from 1 to 9, and P = 1 – 20 atm.) and H2 yield increased with increasing S/C,
decreasing P. The maximum hydrogen yield was obtained at 627 °C. The
endothermic nature of SR reactions made hydrogen production more preferred at
high temperature. The effective suppression of carbon deposition required S/C
higher than 2 and temperatures not lower than 327 °C. For all three model
compounds chosen, CH4 was one of the major by-products at low temperatures
via eq. (1.8) which could be minimized at 627 °C. The decrease in CO2 to CO
product ratios at temperatures higher than 427 °C indicated that reversed-WGS
were more preferred. In summary, the thermodynamically predicted optimum SR
condition for all three model compounds was T = 627 °C, S/C = 3 and P = 1 atm.
and the corresponding hydrogen yields, based on stoichiometric values, of acetic
acid, acetone and ethylene glycol were 84.76 %, 79.46 % and 84.44 %,
respectively. In addition, they compared the simulated bio-oil (comprising 67 %
acetic acid, 16.5 % ethylene glycol and 16.5 % acetone) reforming and natural gas
reforming in terms of energy consumption at this condition and suggested that
bio-oil aqueous fraction reforming was as energy intensive as conventional natural
gas reforming. Bion et al.3 extensively studied the thermodynamics of ethanol
steam reforming using stoichiometric water/ethanol ratio taking into account all
the important possible reactions, such as the overall steam reforming of ethanol
(eq. 1.12) and:
Dehydrogenation to aldehyde:
C2H5OH → CH3CHO + H2 ΔH°298 K = +68 KJ/mol

( 1.21 )

Dehydration to ethene:
C2H5OH → C2H4 + H2O ΔH°298 K = +45 KJ/mol

12

( 1.22 )

Decomposition:
C2H5OH → CH4 + C + H2O ΔH°298 K = -82 KJ/mol

( 1.23 )

Similar conclusions to those of Vagia and Lemonidou2 were made: formations of
aldehyde and ethene were not favored, thus only H2, CO, CO2 and CH4 were the
observable products; CH4 was the thermodynamically favored product at low
temperature and disappeared at 900 °C; H2 yield increased while CO2/CO ratio
diminished with increasing temperature; above 400 °C, the only reaction observed
should be the first step of steam reforming of ethanol. These predictions were in
agreement with those of Rossi et al.4. They also explored the steam reforming of
glycerol and reported the positive effect of S/C on hydrogen production of both
steam reforming processes: higher S/C ratio could enhance the WGS and decrease
the optimum operation temperature while insufficient steam supply (water/model
compound = 1:1 and 3:1) would cause methane decomposition, resulting in solid
carbon formation.
Glycerol is a massive by-product from biodiesel production and an important
potential hydrogen source, the thermodynamic analysis of glycerol reforming has
been conducted by several other research groups. Adhikari et al.5 performed this
analysis over the following variable ranges: P = 1 – 5 atm., T = 327 – 727 °C, and
water-to-glycerol ratio = 1:1 – 9:1. Similarly, increasing temperature and
decreasing pressure were preferred for hydrogen production and high
water-to-glycerol ratios with excess water resulted in the greatest quantity of
hydrogen at all temperatures. There was an upper limit temperature at which the
number of moles of hydrogen produced was the highest (at 687 °C with a
water-to-glycerol ratio = 9 and P = 1 atm., 6 moles of H2 produced per mole of
glycerol whereas the stoichiometric value was 7) while further increase in
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temperature would slightly reduce H2 production due to the predominated
reversed-WGS. Considering also the minimization of methane and carbon
formation, the best conditions for hydrogen production from glycerol SR was
suggested as temperatures higher than 627 °C, atmospheric pressure and a
water-to-glycerol ratio of 9 (S/C = 3), at which MSR was reactive and carbon
deposition was thermodynamically inhibited. A study by Wang et al6 revealed the
following similar conditions for producing H2 from glycerol SR without carbon
formation: temperatures between 652 and 702 °C and the water-to-glycerol ratios
of 9 – 12 at atmospheric pressure. The maximum H2 yield per mole of glycerol
was 6.2 at 702 °C and 1 atm. with a water-to-glycerol ratio of 12. In addition,
regarding that higher water-to-glycerol ratios would require larger reactor volume
and higher heat input for water vaporization, in their later comparative study of
thermodynamic and experimental work, a water-to-glycerol ratio of 9 was
considered as the optimal value.
Nahar and Madhani7 studied the thermodynamics of SR of n-butanol, which

possesses higher energy content than ethanol, and recommended the optimal
operating conditions to produce high-quality hydrogen as 600 – 800 °C,
atmospheric pressure and water-to-butanol ratio in the range of 9-12 (S/C = 2.25-3)
according to the following observations. Firstly, high pressure would increase the
selectivity towards CH4 through methanation, due to the decrease in number of
moles of gases in eq. 1.9 and 1.10, and therefore suppress the hydrogen yield.
Secondly, exothermic CH4 formation was thermodynamically favorable at low
temperature while the endothermic SR was dominant at higher temperature. Then,
higher S/C could limit methane formation via MSR, with minimal CH4 yield at
water-to-butanol ratios of 6:1 and 9:1 and temperature at 700 °C. Finally, as
methane played a significant role in coke formation, consequently, higher
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water-to-butanol ratio had a positive effect on coke inhibition.
To sum up, the appropriate operation conditions for steam reforming of
model compounds (oxygenates) of bio-oil are atmospheric pressure, S/C at least 3
and temperature higher than 600 °C. However, the final products always contain
other compounds like CO besides H2 and hence requirements of fuel cells
especially PEMFC could not be fulfilled as CO is a very strong poison of the fuel
cell catalyst19 and further cleaning up is required.
1.4.2 The effect of in-situ CO2 removal
In sorption enhanced steam reforming technique, an appropriate solid CO2
sorbent (usually calcium oxide) is placed in the reformer to achieve in-situ CO2
removal. The complete reforming of fuel almost without any gaseous
carbon-containing products (CO, CO2 and CH4) may be realized. Other
advantages of sorption enhanced hydrogen production are the elimination of the
shift reactors to simplify the H2 purification section, the reduction of reforming
temperature by shifting the equilibrium to the products of steam reforming and as
the CO2 capture reaction is highly exothermic, the heat generated from this
exothermic gas-solid absorption reaction is available to drive the endothermic
reforming reactions and substantially leading to a decreased size of heat exchange
equipment.20,21,22
Extensive studies have proved that sorption enhanced steam reforming is
thermodynamically feasible.20,23,24 Take the steam reforming of glycerol as an
example, Chen et al.24 deduced from thermodynamic analysis that, with the use of
a CO2 absorbent, the optimum temperature for steam–glycerol reforming is about
100 °C lower than that without CO2 absorption and the maximum number of
moles of hydrogen produced per mole of glycerol can be increased from 6 to 7. In
their investigation, hydrogen production appeared to be enhanced throughout the
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temperature examined (327 – 727 °C). However, this is not the case for a practical
adsorbent. Wang et al.18 demonstrated a thermodynamic analysis of the sorption
enhanced steam reforming of glycerol using CaO as CO2 sorbent. The CO2
capture reaction using CaO is:
CaO + CO2 ⇌ CaCO3 ΔH°298K = −178.8 kJ/mol

( 1.24 )

The decomposition of CaCO3 and the reversed-WGS, which were more
favorable at higher reaction temperatures, were also considered in the
thermodynamic analysis of this research. As a result, hydrogen concentration
declined rapidly between 627 and 752 °C and an increased amount of CO and H2O
was observed when the temperature was above 627 °C. The authors also compared
the thermodynamic analysis with experimental work using Ni/ZrO2 catalyst.
Though thermodynamic equilibrium was not achieved because of the
unsatisfactory catalytic activity of Ni/ZrO2 used, 95% of hydrogen could be
obtained in the experiments with only 5% CH4 as impurity and almost no CO and
CO2 observed indicating the great power of in-situ CO2 removal in enhancing the
H2 production. It is noteworthy that the stability and capacity of CO2 absorbent
should also be taken into account in practice.
1.4.3 Catalysts for steam reforming of model compounds and bio-oil
As discussed earlier, the reaction networks of steam reforming of model
compounds are complex due to many side-reactions, such as dehydration and
decomposition, taking place simultaneously during reforming. Therefore, the
selection of a suitable catalyst is crucial since different catalyst induces different
reaction pathways and has much effect on the conversion and product selectivity.
The presence of catalysts can also increase reaction rates and help achieving
equilibrium faster. Steam reforming tests of important model compounds over a
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wide variety of catalysts have been carried out.
1.4.3.1 Acetic acid
Acetic acid is the major acid present in bio-oil.10 Basagiannis and Verykios25
examined a variety of supported noble metal catalysts (Pt, Pd and Rh supported on
Al2O3 carrier) and Ru- and Ni-based catalysts supported on different carriers
(Al2O3, La2O3/Al2O3, MgO/Al2O3 and CeO2/Al2O3) for steam reforming of acetic
acid (HAc). Results of experiments using only carriers, namely γ-Al2O3 and
La2O3, showed that in both cases no complete HAc conversions occurred even at
950 °C. Though La2O3 seemed more active than Al2O3, activities of both carriers
were significant only at elevated temperature of 850 °C or above. Thermal
decomposition was the main reaction at the whole temperature range indicated by
high CO2 and CH4 contents. At low temperature, ketonization reaction took place
on Al2O3, as evident by the presence of acetone which disappeared at temperature
above 800 °C. On the other hand, acetone was still obvious in the case of La2O3
even at 800 °C which agreed with the fact that basic oxides (La2O3) are generally
more active than acidic oxides (Al2O3) for the ketonization reaction. Thus
deactivation of La2O3 was more serious because acetone can form coke/oligomers
which block active sites of catalyst though Aldo condensation. 26 As to acidic
Al2O3, decomposition reactions of not only HAc but also intermediate like ketene
(C-C bond rupture) were catalyzed more than the steam reforming reaction thus
almost no H2 production but only carbon containing products (CO, CO2, acetone,
ethylene and trace amount of ethane) were observed. In the presence of La 2O3, the
selectivity to H2 increased at temperature higher than 825 °C which showed
higher catalytic power of La2O3 in steam reforming. Among the 0.5% Rh, 1% Pt,
1% Pd, 1% Ru and 17% Ni supported on Al2O3, the most active one for HAc
conversion was Ni catalyst, followed by Rh and then Ru. Ni and Ru catalysts
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completely converted HAc at 800 °C. It also should be mentioned that Rh content
was only 0.5% but still possessed high activity. Pt and Pd catalysts presented poor
activities with almost no HAc conversion at temperature below 700 °C and
remained low even at 850 °C. By comparing the turnover frequencies of these
catalysts, it was concluded that the superior performance of Ni/Al2O3 catalyst was
due to both the high metal content (17%) and the enhanced intrinsic activity of Ni.
Via investigating the selectivity to H2 as a function of reaction temperature and
selectivity to various main by-products (CO, CO2, C3H6O and CH4) at 650 °C,
more details of each catalyst could be obtained. Ni catalyst offered almost 100%
selectivity towards H2 in the temperature range of 700 – 850 °C and the selectivity
was still high at 600 °C. It produced the lowest amount of by-products with only
CO as the main by-product and methane and acetone as minor ones. These
observations again proved the good catalytic activity of Ni catalyst in steam
reforming of HAc. Other catalysts only exhibited high H2 selectivity at
temperatures above 750 °C. As mentioned, Rh catalyst provided high activity in
HAc conversion. However, the large amounts of acetone and CO and lowest CO2
selectivity showed that Rh catalyst preferred ketonization and reverse-WGS
reactions to steam reforming reaction. On the contrary, the highest selectivity and
lowest CO production indicated that Pt catalyst had enhanced activity in WGS
which was in agreement with Takanabe et al.27. Pd catalyst favored methanation
reactions, judged by its highest CH4 selectivity. Ru catalysts did not prefer
ketonization as almost no acetone was observed. Generally speaking, Ru catalyst
was the second most active catalyst for HAc steam reforming next to Ni catalyst.
The investigation of the rate of carbon deposition suggested that the presence of
the dispersed metal particles significantly decreased the rate of carbon formation
on the support since metals preferred steam reforming more than decomposition
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reactions and could promote the coke gasification reactions. Because of the
importance of the surface acidity/basicity characteristics of carriers, the effects of
basic oxides (La2O3, MgO and CeO2) on Al2O3 were also investigated. The
addition of basic oxides on Ni and especially Ru catalysts supported on Al2O3
brought significant improvement of their catalytic activity. Also, catalysts
promoted with La2O3 and MgO achieved an obvious reduction of the rate of
carbon deposition. However, at low temperature range, ketonization reaction was
also promoted by these basic oxides as observed in the case of La2O3. The rank of
catalytic activities of three Ni catalysts tested was 17% Ni/Al2O3 < 17%
Ni/La2O3/Al2O3 < 17% Ni/MgO/Al2O3 and that of four Ru catalysts was 5%
Ru/Al2O3 < 5% Ru/CeO2/Al2O3 < 5% Ru/MgO/Al2O3 ≈ 5% Ru/La2O3/Al2O3.
Both catalysts supported on MgO/Al2O3, in particular Ru/MgO/Al2O3, exhibited
high catalytic activity, selectivity to H2, resistance to coke deposition and
long-term stability. Possible explanations were smaller metal particle sizes, which
had higher intrinsic activity, induced by MgO/Al2O3 or the presence of Mg which
enhanced the capacity of the catalyst for adsorption of steam and gasification of
coke. 28 In another research of Basagiannis and Verykios 29 , reasons for the
outstanding performance of Ru/MgO/Al2O3 in HAc steam reforming were further
explored. They found that the solid-state reaction of alumina with magnesium
oxide was complete, resulting in the support consisting of about 94 wt%
magnesium aluminate spinel and about 6% magnesium oxide. By conducting
temperature-programmed reaction experiments using CO, which was only
adsorbed on metal sites, as the reactant, it was suggested that this magnesium
aluminate spinel carrier could enhance the spillover of oxygen (O) and/or
hydroxyl (–OH) anions from the carrier surface onto the surface of the metal
particles. This played an important role in maintaining the metal surface clean by
19

quickly gasifying hydrocarbon fragments adsorbed on the metal to give CO, CO2
and H2. Thus carbon deposition was suppressed and Ru/MgO/Al2O3 possessed
long-term stability. This might also be the reason of the absence of CH4 over
Ru/MgO/Al2O3 catalyst. In addition, Ru had its own contribution to the catalyst
by shifting activity to lower temperatures while keeping H2 production at high
rates. An et al.30 investigated the influence of Ni loading on coke formation in
steam reforming of acetic acid. They also used γ-Al2O3 supported Ni catalysts.
Under their reaction condition (S/C = 4, at 600 °C), among 3 to 15 wt%
Ni/γ-Al2O3 catalysts the one with 12 wt% Ni content was most active. Coke
formation is the most important cause of the deactivation of catalysts in steam
reforming process. The main sources of coke in HAc steam reforming were
thermal decomposition, CO disproportionation and catalytic cracking reactions
promoted by Ni/Al2O3 catalyst.28 In this study, increasing Ni loading enhanced the
catalytic cracking reactions and suppressed the ketonization reaction caused by
the support which was in agreement with the observation of Basagiannis and
Verykios25. It was also noticed that further increasing Ni loading greatly promoted
the formation of graphitic carbon. This kind of carbon is more inert and more
difficult to be removed by gasification than carbidic carbon. This unfavorable
effect might be due to the transformation of carbidic carbon into graphitic carbon
or because of the increasing Ni particle size, and thus the decreasing catalytic
activity.31,32 HAc steam reforming over novel alkali metal (Li, Na, K, Rb or Cs)
modified Ni containing smectite-type (SM(Ni)) catalysts was investigated by
Iwasa et.al..33 The addition of alkali metal, especially 1 wt% K, greatly improved
the initial activity of the SM(Ni) materials. However, serious deactivation caused
by carbon deposition on metal active sites was observed. This was mainly due to
the large crystallite size of Ni in the SM(Ni) materials (14–124 nm) and the
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further increased Ni crystallite size caused by alkali promoters which could
accelerate carbon deposition. Hu and Lu34 performed the steam reforming of HAc
over cobalt-based catalysts supported on Al2O3 and investigated the additive
effects of Ce and La. Similar to nickel, the addition of Ce or La, especially La,
resulted in remarkably reduced Co particle size. Moreover, Ce and La could make
the activation step easier and more effective: Ce reduced the cobalt reduction
temperature needed and La enhanced the H2-uptake resulting in more reduced
active metal sites. From the aspect of reaction temperature, the performances of
Co-based catalysts were better than that of Ni-based catalysts discussed earlier.
Complete conversion of HAc was achieved over Co-La/Al2O3 even at 400 °C and
Co-Ce/Al2O3 also exhibited high activity at 450 °C. During HAc steam reforming
over Co/Al2O3, acetone and ketene once again appeared as the main by-products
over Al2O3 support which greatly diminished H2 production. Fortunately, H2 yield
was greatly enhanced using Ce and La promoted catalysts. Mechanisms of
increasing the hydrogen yield were different: the Ce promotion inhibited the
formation of acetone and ketene while the addition of La improved the activity of
catalyst for acetone and ketene reforming. As acetone was one of the main sources
of coke, the decreasing amount of acetone provided better long-term stabilities of
the promoted Co catalysts. In addition, Ce and La also effectively prevented the
metallic Co species from oxidation and, therefore, could maintain the activities of
catalysts for a longer period. Co-precipitated Fe-Co catalyst (molar ratio 1:0.5)
was also used for HAc steam reforming and presented high catalytic activity at
temperature as low as 400 °C with complete conversion of HAc, achieving 95.3%
H2 and 92.9 % CO2 selectivities.35 During the stability testing of the catalyst with
time-on-stream, Fe-Co catalyst maintained high activity without coke formation
after 100 h. The authors suggested that the formation of CoFe2O4 species might
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strengthen the interaction between Fe and Co and then induced the high activity.
1.4.3.2 Ethanol
Similar to the steam reforming of acetic acid, ethanol steam reforming is also
strongly influenced by the choice of active metal and support. Sanchez-Sanchez et
al.36 chose Ni-based and Pt-based alumina-supporting catalysts to investigate the
mechanism of the ethanol steam reforming for the following reasons: Ni possesses
high C-C bond-breaking and steam reforming activities; Pt enhances the WGS
reaction and resistance to coke formation; and alumina is mechanical and
chemical stable under reaction conditions. Because of the strong tendency of coke
formation on Ni and the positive effect of Pt in coke removal, the possibility of
synergetic interaction between metals in PtNi bimetallic catalysts was also
explored. Authors found that Pt exhibited C-C bond rupture activity even at room
temperature while Ni was only active in breaking C-C bond at higher temperature.
Pt was also active in hydrogenation reaction of ethylene, formed by dehydration
of ethanol on alumina support, and showed some activity in coke gasification at
400 °C. It seemed that the active sites responsible for hydrogenation were
different to that for C-C bond rupture. Thus, even with the activity of Pt for C-C
bond rupture was lost, that of hydrogenation reactions remained and promoted
ethane formation from ethene. Unlike Pt, Ni was active in ethylene
dehydrogenation and decomposition of acetate, which was one of the important
intermediates during ethanol steam reforming at 400 °C. By investigating the
product distribution by mass spectrometry and the evolution of surface species
using in-situ diffuse reflectance infrared Fourier-transform spectroscopy, different
mechanisms of ethanol steam reforming over Pt- and Ni-based catalysts were
proposed at 400 °C. Initially, over both catalysts, thermal decomposition of
ethanol occurred forming acetaldehyde and hydrogen. In the presence of Pt,
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acetaldehyde was then decomposed into methane and CO after which CO reacted
with surface -OH and produced formate (HCOO-). After the deactivation of C-C
bond rupture activity of Pt, adsorbed acetaldehyde species directly reacted with
–OH forming acetate species (CH3COO-) over the alumina surface. Unfortunately,
Pt was inactive in acetate decomposition thus the dehydration of ethanol on
alumina dominated the process and ethylene became the main product which
quickly deactivated the Pt/Al2O3 catalyst. In the case of Ni/Al2O3 catalyst, acetate
intermediate became the main adsorbed intermediate species as well but it was
subsequently decomposed, generating CO2 and surface methyl groups (-CH3).
Further dehydrogenation of methyl groups formed coke which might deactivate
the Ni/Al2O3 catalyst. At the same temperature, though the PtNi bimetallic
catalyst possessed higher activity and stability, it seemed that the activity of Ni
and Pt metal phases was independent of the presence of the second metal phase.
Nevertheless, a cooperative effect of the activity of both metals was suggested
because ethylene, which is an important coke precursor, involved in both the
hydrogenation reaction over Pt and the dehydrogenation process on Ni. Barattini
et al.37 investigated the ethanol steam reforming pathway over a Ni:Zn:Al catalyst
with 49.6:21.7:28.7 atomic ratio. Intermediates, such as acetaldehyde, acetic acid
and acetone, were found, similar to the work by Sanchez-Sanchez et al.36 in the
temperature range 300 to 540 °C and among them acetic acid or the surface
acetate species were likely the key intermediates in ethanol steam reforming. At
temperature above 580 °C, ethanol was completely converted. The kinetics of
ethanol conversion to acetic acid at low temperature likely had a negative reaction
order with respect to ethanol concentration and a positive one to water
concentration since the decreasing steam-to-carbon ratio resulted in increasing
selectivity to acetic acid. On the contrary, diethylether and acetaldehyde were
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more favored under condition with low water partial pressure. The variation in
product distribution was partly due to the external mass transfer phenomena. Song
et al.38 explored the reaction path of ethanol steam reforming over Co-based
catalysts as well. Higher H2 yield and smaller amounts of side-products implied
that 10 wt% Co/CeO2 was more active than 10 wt% Co/ZrO2. In addition, CeO2
supporting catalyst completely converted ethanol at temperature as low as 350 °C
while catalyst supported by ZrO2 only achieved complete ethanol conversion at
550 °C. They also found acetaldehyde and acetone as important intermediates and
separately investigated their steam reforming over Co/ZrO2 catalyst which started
at 350 and 400 °C, respectively. Moreover, it was suggested that acetone was
derived from aldol condensation of acetaldehyde, followed by dehydrogenation
and decarboxylation, producing extra H2 and CO2. Above 400 °C, methane steam
reforming became important and so did reversed WGS at higher temperature.
Over Co/CeO2 catalyst, the reaction pathways of steam during ethanol steam
reforming were studied in detail using isotope labeled water (H218O and D2O). It
turned out that steam reforming reactions started at 280 °C during which no steam
molecule participated in acetone formation. The later appearance of C16O18O than
CO2 indicated that the utilization of H218O only happened after the consuming of
surface oxygen of catalyst during the oxidation of ethoxy species and the surface
sites becoming available for H218O dissociation. The dissociative adsorption of
water molecule was further confirmed by the formation of HDO from the
recombination of OH and OD surface species. Steam also took part in hydrogen
and methane formations indicating by the appearance of HD and CH3D. The
reaction pathway of ethanol steam reforming was also studied over Cu/Nb2O5
catalysts at 300 °C by Alonso et al..39 Since both copper and acidic Nb2O5 favor
ethanol dehydration, ethene was one of the main products during the tests. Under
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the selected reaction condition, hydrogen was mainly produced from ethanol
decomposition rather than steam reforming. By adding Pd and/or Ru, the
selectivity to hydrogen and the catalytic activity for steam reforming were
enhanced. Catalyst promoted by both Pd and Ru was also more resistant to
deactivation and more active in C1 (CO2, CO and CH4) products formation.
Besides the intrinsic activity of Pd and Ru, these improvements might also be due
to the blockage of acidic sites during the catalyst preparation. Koh et al. 40
developed some supported cluster-derived Ru catalysts from the decarbonylation
of organometallic precursors for ethanol steam reforming. The as-prepared
catalysts were more active than the most active catalyst synthesized by the
incipient wetness impregnation method; even the metallic loadings of
cluster-derived catalysts were only half of that of conventional salt-derived
catalysts. Both SEM and XRD experiments suggested that Ru was dispersed
better on the cluster-derived catalysts and the mean Ru crystallite size was very
small. Though sintering was observed, the particle size of the spent
cluster-derived catalysts was still smaller than that of the spent salt-derived
catalysts. In addition, by comparing the catalytic performances of catalysts with or
without the presence of Pt promoter, it appeared that Pt could effectively suppress
coke formation, which was in agreement with Sanchez-Sanchez et al.36.
1.4.3.3 Glycerol
Glycerol has been extensively studied for hydrogen production by steam
reforming. Adhikari et al.41 prepared and tested fourteen catalysts using Rh, Pt,
Pd, Ir, Ru and Ni as active metals supported on alumina (92 %) ceramic foam
monoliths containing 8% silica with or without CeO2 promotion. Reaction
temperature varied from 600 to 900 °C with a constant water-to-glycerol molar
ratio of 6: 1. Generally, the glycerol conversion and H2 selectivity increased with
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increasing temperature for all catalysts. At 900 °C, the H2 selectivity followed the
order: Ni> Ir> Ru> Pt> Rh, Pd while the order of glycerol conversion was: Ni>
Ir> Pd> Rh> Pt> Ru. Ni/Al2O3 catalysts showed the best H2 selectivity at all
temperature investigated and reached a maximum of 60 % at 900 °C. It also
possessed the highest glycerol conversion of 82 % and high selectivity to CO2 at
900 °C. With the addition of ceria, positive effect in both H2 selectivity and
glycerol conversion for most of the catalysts was observed. Rh/CeO2/Al2O3
catalyst exhibited the highest conversion at all temperatures and the maximum
value was about 87 % at 900 °C. It also had high selectivity to H2 and CO2 at
900 °C with almost no CH4 formed. Ni/Al2O3 and Ni/CeO2/Al2O3 were suggested
as the best catalysts for glycerol steam reforming under the conditions they
studied. By adjusting experimental conditions, the best performance was achieved
at 900 °C with a water-to-glycerol molar ratio of 9: 1 and a feed flow rate of 0.15
ml/min over Ni/Al2O3 and Rh/CeO2/Al2O3 catalysts, obtaining H2 selectivity of
80 % and 71 %, respectively, without CH4 formation.
Hirai et al.42 also explored the activities of catalysts based on the above
mentioned metals together with Co and Fe supported on Y2O3, ZrO2, CeO2, La2O3,
SiO2, MgO or Al2O3 in glycerol SR at temperature range of 500 to 600 °C with
S/C of 3.3. The activity order on La2O3 support in steam reforming of glycerol
was: Ru ≈ Rh > Ni > Ir > Co > Pt > Pd > Fe. The effect of support was
investigated using Ru-based catalysts since the highest H2 yield was achieved in
the screening. At 600 °C, Ru supported on Y2O3 and ZrO2 exhibited high glycerol
conversion and H2 yield, while MgO and Al2O3 supported ones showed lower
conversions. Different reasons were suggested for the lower activities in glycerol
steam reforming of Ru/MgO and Ru/Al2O3. Ruthenium oxide on MgO was found
hard to be reduced to metallic form thus less active sites were available for steam
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reforming. 43 On the other hand, Al2O3 supporting catalyst showed higher
selectivity to CH4 formation and less favorable in CO2 formation. With better
performance in H2 production, 3 wt% Ru loaded on Y2O3 was concluded as
optimum for glycerol steam reforming at 500 °C. Furthermore, the 3 wt%
Ru/Y2O3 catalyst gave high stability in glycerol conversion and H2 production
during the 24 h-prolonged run, as can be seen in Fig. 1.1, and was found having
good resistance to coke deposition since little amount of carbon was detected over
the used catalyst.

Figure 1.1 Life test of Ru(3 wt%)/Y2O3 for 24 h in the steam reforming of
glycerin, at a temperature of 600 °C and a sweep gas gas-space velocity of
80 000 ml g-cat-1 h-1.42
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Kim and Lee44 studied the effect of the support of Ru-based catalysts on
steam reforming of glycerol for H2 production as well. 1 wt% Ru supported on
Y2O3 and Ce0.5Zr0.5O2 exhibited much better performance and higher conversions
than 1 wt% Ru/γ-Al2O3 catalyst. The markedly higher selectivity to hydrogen
production and the higher CO2/CO product ratio indicated the enhanced WGS
reaction activity brought by Y2O3 and Ce0.5Zr0.5O2. It was suggested that these
reducible metal oxides could activate H2O dissociation and help oxidation of CO
to CO2 on the adjacent metal cluster. As for acidic γ-Al2O3, C-O bond rupture was
preferred, resulting in higher amount of C1-C2 hydrocarbon products. Several
metals, i.e. Fe, Co, Ni and Mo, were selected as promoters to the Ru-based
catalyst with 1: 1 molar ratio. The addition of Fe decreased the glycerol
conversion rate over Ru-Fe/Ce0.5Zr0.5O2 and Ru-Fe/γ-Al2O3 catalysts at 600 °C
while no obvious effect on other catalysts was observed. At lower temperature of
450 °C, Co showed a promotional effect on the glycerol conversion over
Ru-Co/Ce0.5Zr0.5O2 catalyst, consistent with Sanchez and Comelli’s work45, while
Ru-Ni/Y2O3 and Ru-Ni/Ce0.5Zr0.5O2 catalysts had moderately improved
conversions at both 450 and 600 °C. However, all catalysts promoted with Mo
showed lower conversions at both temperatures. In another research of this
group,
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hydrogen production from methanol steam reforming at low

temperatures was greatly improved in the presence of partially reduced Mo
species, due to the redox transition between Mo6+ and Mo5+. This significant
discrepancy was ascribed to the oxidation state of Mo moieties on Ru-Mo
catalysts at higher temperature being lower than Mo5+, resulting in less redox
properties and preferred formations of CO and hydrocarbon products. Through
TPR and CO chemisorption methods, they found that unlike the cases of
bimetallic Ru-Metal catalysts supported on Y2O3 and Ce0.5Zr0.5O2, in which the
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reduction peak of metals shifted to much lower temperature via strong Ru-Me
interaction, Ru-Metal catalysts supported on γ-Al2O3 showed similar reduction
peaks of metals to their monometallic counterparts, indicating the weaker
Ru-Metal but stronger interaction between metals and Al2O3 leading to the
formation of catalytically less active metal aluminate. They also explored the
primary reason for the severe deactivation showed by Ru-based catalysts
investigated and found different mechanisms between the reducible oxides
supported catalysts, namely Y2O3 and Ce0.5Zr0.5O2, and the γ-Al2O3 supported
ones: the deactivation of the former group was due to Ru sintering and that for
later ones was caused by graphitic coke formation. Additionally, dispersed Ru
clusters suffered least sintering with Mo promoter and catalysts supported on
reducible metal oxides provided superior property against coking, which was also
observed by Hirai et al.Error! Bookmark not defined..
Gallow et al.47 reported on another work of steam reforming of glycerol over
supported Ru catalysts. A hydrotalcite-derived Mg(Al)O mixed oxide was chosen
as the support for its basic properties, which could maintain catalyst stability by
minimizing coke formation. The 0.6 wt% Ru/Mg(Al)O catalyst showed the best
catalytic performance at 550 °C under the condition studied, indicated by good
glycerol conversion to gas products and H2 yield (97 % and 96 %, respectively),
highest CO2 selectivity (91 %) and lowest CO selectivity (less than 3.5 %) with
CH4 almost absent and minimal coke formation. At lower temperature, the high
selectivity to H2 and CO and negligible CH4 formation indicated that glycerol
decomposition, the first step of glycerol steam reforming, at low conversion was
the dominant reaction. By increasing temperature from 450 to 650 °C, the
catalytic SR activity improved. The decrease in CO2 selectivity from 550 to
650 °C along with an increase in CO selectivity should be due to the reversed
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WGS reaction which was thermodynamically favored at high temperature. They
characterized the coke species by the Fourier transform infrared method and
suggested that coke formed at temperature below 550 °C was mostly in aromatic
form. When temperature was elevated, an increase in structural order of coke was
observed, indicating more graphitic carbon formed. Experiments using feed with
different glycerol concentrations varying from 10 wt% to 40 wt% (S/C from 15.3
to 2.6) at 550 °C were also conducted. With the increase in glycerol content, they
observed a decreasing conversion of glycerol to gaseous products (95 to 90 %)
and an increase in liquid products formation, especially the cyclic compounds, in
amount higher than 30 wt%. However, when temperature increased to 650 °C,
good glycerol conversion towards gas phase products (97 %) and high H2 yield
(85 %) with stable performance were achieved in the case of feed containing
glycerol up to 40 wt%, without significant coke formation. Other metals were also
investigated for glycerol steam reforming to produce H2. Ce, which usually used
as support in its oxide form, was applied as active metal in the work of Ebshish et
al.48 for steam reforming of glycerol. The catalytic activity of 1 wt% Ce/Al2O3
catalyst was investigated and compared to that over 1 wt% Pd/Al2O3 catalyst at
600 °C with a water-to-glycerol molar ratio of 6: 1. Maximum glycerol conversion
(78.9 %) and H2 yield (56 %) were reached over Pd/Al2O3 catalyst after 2
h-on-stream, compared to less than 30 % conversion and 50 % H2 yield from
Ce/Al2O3 catalyst, showing higher glycerol steam reforming activity of Pd than Ce.
The Pd-based catalyst also showed higher resistance to carbon deposition than the
Ce-based catalyst. They then investigated the effect of cerium loading on glycerol
SR by varying Ce content from 1 wt% to 10 wt% and observed that increasing the
Ce loading resulted in enhanced H2 yield and selectivity. However, the improved
activity for converting glycerol into gaseous products declined quickly with
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time-on-stream and ended at the same level of 1 wt% Ce/Al2O3. The more severe
deactivation of 10 wt% Ce/Al2O3 catalyst might be due to the sintering of cerium
and higher coke formation on catalyst with higher Ce-loading.
Besides precious metals, much research effort was still concentrated on
Ni-based catalysts since nickel is cheaper and highly active in C-C bond cleavage.
Sanchez and Comelli45 studied the cobalt promoted Ni catalysts supported on
Al2O3. With small Co loading (4 wt%), H2 yield was improved even at 300 °C,
reaching a maximum of 83.6 % at 8 h, while that over Ni/Al2O3 catalyst without
Co was only 70.4 % at 500 °C. The addition of Co decreased the CO2 fraction at
300 °C and 500 °C possibly due to poor activity of Co towards WGS reaction.
Catalyst added with 12 wt% Co achieved a maximum H2 yield (84 %) at 300 °C
after 4 h, which was even higher than that over catalyst with 4 wt% Co, however,
H2 yield then decreased with time-on-stream to 73 % at 8 h. At higher temperature,
the improvement of SR activity was not obvious with increasing Co loading while
CH4 formation was favored. At 700 °C, catalyst promoted by 4 wt% Co had
catalytic performance better than that of monometallic Ni/Al2O3 catalyst only at
the initial 4 h, and its H2 yield then gradually decreased to 56.0 % at 8 h while that
from Ni/Al2O3 catalyst remained over 60%. They concluded that a low Co loading
could improve the activity of Ni/Al2O3 catalyst on steam reforming of glycerol at
low reaction temperature, similarly to the observations of Kim and Lee44. In
another work of Sanchez and Comelli49, the deactivation process of a 5.1 wt%
Ni/Al2O3 catalyst during glycerol steam reforming at 700 °C and S/C of 3 in
cycles of 12 h-on-stream with total 4 cycles was studied. Regeneration of used
catalyst using a He/air mixture was conducted between reaction cycles. In cycle 1,
H2 yield reached 78.1 % initially and then decreased gradually after 5 h with
time-on-stream. The reductions of H2 fraction in reaction cycle 2 and 3 were
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continuous and more dramatic in 4th cycle, ended at only 34 %. The CO yield
increased in all cycles with time-on-stream and reached 58.1 % by a sharp
increase in cycle 4. The formation of CH4 also increased with time during each
reaction cycle. The regenerated Ni/Al2O3 catalysts only exhibited high glycerol
steam reforming activity at the initial stage of each reaction cycle, with H2 as
main product, followed by CO and only small amount of CH4. The product
distribution over active catalyst should be attributed to the high reaction
temperature (700 °C) at which glycerol decomposition and CH4 steam reforming
to CO and H2 were both favored. By studying the used catalysts by temperature
programmed oxidation, they observed that a small proportion of strongly adsorbed
carbonaceous deposits remaining on the catalyst surface under the regeneration
conditions and was responsible for the incomplete activity recovery. Kim et al.50
investigated different alumina supported Ni catalysts for steam reforming of
glycerol. They found that calcination temperature during catalyst preparation had
a strong influence on steam reforming activity. With higher calcination
temperature of 800 °C comparing to 500 °C, the formation of NiAlO4 increased,
resulting in a decreased reducibility in Ni components. However, catalysts
calcined at 800 °C showed lower CH4 selectivity, less carbon deposition and
higher durability. Since NiAl2O4 was active in steam reforming of glycerol at
800 °C achieving conversion and H2 selectivity at 75.2 % in and 60.12 % in value,
respectively, the activity of the catalyst for glycerol conversion to H2 was not
affected by the formation of NiAl2O4 phase. The effect of alkaline promoters on
Ni/Al2O3 catalyst was also studied. With the addition of these basic promoters, the
reduction temperature of Ni component decreased slightly due to the
neutralization of the acidity of Al2O3 which then resulted in less interaction
between Ni and Al2O3 support. Though catalysts promoted by alkali earth metals
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exhibited lower H2 selectivity, they were more resistant to carbon deposition.
Among promoted catalysts tested, the one with strontium had the best
performance, achieving highest H2 selectivity, lowest CH4 selectivity and
processing best carbon resistance and hence long-term stability. After 100 h
on-stream at 800 °C, the coke formation on Sr-Ni/γ-Al2O3 was only 0.0006 g/gcath,
which was significantly lower than that on Ni/γ-Al2O3 (not less than 0.1 g/gcath
under all conditions investigated). The possible reason was suggested as the
enhanced adsorption of water on surface strontium which improved carbon
gasification and hence inhibited coke deposition. Several researches investigated
the effect of different supports for Ni-based catalysts for glycerol steam reforming.
Choi et al.51 carried out glycerol steam reforming tests over nano-size Ni catalysts
supported on alumina with or without silica addition at temperature range of 350
to 550 °C and steam to glycerol molar ratio of 8. Catalyst performance was
improved with Ni loading increasing from 10 to 15 wt% while further increase in
Ni loading from 15 to 25 wt% decreased the glycerol conversion from 90.1 to
77.9 % and the selectivity to H2 diminished from 40 to 36.5 % with an increase in
CO selectivity. Among catalysts tested, 15 wt% Ni/Al2O3 had the best
performance at 350 °C. From SEM images of the used catalysts, different forms
of carbon deposited on catalysts with different Ni loading were observed. For 20
and 25 wt% Ni/Al2O3 catalysts, carbon deposited in graphitic form, while that on
10 and 15 wt% Ni/Al2O3 catalysts carbon formed nano-fiber which was suggested
to have no effect on catalytic activity52. In addition, catalysts with Ni loading
higher than 15 wt% also suffered from sintering. The effect of SiO2 on Ni-based
catalysts was investigated by adding 5 or 70 wt% silica to the alumina support.
With 70 wt% silica, the significantly improved surface area (from 130 m2/g of
Ni/Al2O3 catalyst to 351 m2/g) together with the reduced average size of Ni
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particles (from 18 to 16 nm) indicated an enhanced Ni dispersion on SiO2(70
wt%)-Al2O3 support. Catalysts with high silica content also exhibited less acidity,
high resistance to NiAl2O4 formation and hence better reducibility of NiO to
metallic Ni. Complete glycerol conversion was achieved over all three catalysts at
500 °C and glycerol was also completely converted at even lower temperature of
450 °C over Ni/SiO2(70)-Al2O3 catalyst. With increasing temperature from 350 to
550 °C, the selectivity to H2, CO2 and CH4 increased, along with a decrease in CO
selectivity, due to WGS reaction. However, over less acidic Ni/SiO2(70)-Al2O3
catalyst, the H2 selectivity was lowest (75.3 %) while that to CH4 was highest
(13.9 %) comparing to that from Ni/Al2O3 (87.3 % and 6.7 %) and Ni/Si(5)-Al2O3
(85.9 % and 6.9 %) catalysts, possibly due to the ability of acidic sites to
decompose CH4 to H2. Iriondo et al.53 investigated the catalytic activity and
stability of Ni catalysts supported on bare CeO2, Al2O3 and CeO2-promoted Al2O3
supports for the glycerol steam reforming to produce H2. At 500 °C, Ni/CeO2
nearly achieved a complete conversion of glycerol at the first 2 h with its activity
drastically decreased to 25.5 % after 8 h reaction. By comparing the difference in
components of liquid products generated at high and low glycerol conversion, the
reduced activity of Ni/CeO2 catalyst for C-C bond rupture was suggested as the
primary reason for this quick deactivation. Moreover, the performance of Ni/CeO2
catalyst could not be improved by increasing temperature to 600 °C. Gas and
liquid products were formed at both temperatures, with higher H2 molar ratio
obtained at temperature due to the reforming of intermediates. The low activity in
Ni/CeO2 catalyst was also suggested to relate to low surface area of ceria support
which could not afford a good Ni dispersion. As for Al2O3 and CeO2-Al2O3
supported Ni catalysts, total conversion was achieved at both 500 and 600 °C.
Though Ni/Al2O3 catalyst also generated liquid oxygenated hydrocarbons at
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500 °C, the amount was 10 times smaller than that from Ni/CeO2 catalyst,
suggesting that alumina supported catalysts were more capable of converting
oxygenates. The H2 molar ratio and turnover frequency was much higher over
Ni/Al2O3 catalyst (3.5 and 2.22, respectively) than that over Ni/CeO2 catalyst
(1.15 and 0.53, respectively). At 600 °C, the liquid products were absent over
Ni/Al2O3 catalyst, indicating a full conversion of glycerol to gas products. The H2
turnover frequency increased to 4.33 with the molar ratios of gaseous products
close to the thermodynamically predicted values. As for Ni catalysts supported on
ceria-promoted Al2O3, small addition of ceria, especially with 4.3 wt%, had
positive effect on gaseous products formation at 500 °C, providing higher H2 and
CO2 molar ratios. Further increase in ceria loading from 8.4 wt% to 17.1 wt%
caused a drastic reduction of gas product fraction and generation of more liquid
products. Improvement in SR activity by small ceria addition should be
corresponding to the strong ceria and Ni interaction stabilizing the surface
metallic Ni particles. When ceria loading increased to 17.1 wt%, the size of ceria
crystallites increased, which possibly hindered the interaction between Ni and
ceria. In NiAl20Ce catalyst, it was observed that ceria preferred interacting with
Al2O3 instead of Ni. These observations should be corresponding to lower H2
molar ratio and higher liquid products formed over NiAl20Ce catalyst at 500 °C.
In addition, at 500 °C small amount of paraffins (ethane and propane) and olefins
(ethene and propene) were detected in the gas stream over all catalysts
investigated. The gas products formation was improved over all CeO2-Al2O3
supported catalysts by elevating temperature to 600 °C, with their molar ratios
close to the thermodynamic equilibrium values. Besides increased activity in the
steam reforming of methane and liquid phase products due to the higher reaction
temperature and the possible capacity of ceria to promote WGS reaction, evident
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by the lower CO content found in the product, might also be the reasons for the
improved glycerol SR performance. The coke formation was generally lower on
ceria-promoted catalysts, due to the capacity of ceria in oxygen storage and
transfer for coke oxidation. In another work of Adhikari et al.54, they compared
the effect of CeO2, MgO and TiO2 supports in Ni-based catalysts on steam
reforming of glycerol. Ni supported on CeO2, which had the highest surface area,
showed best dispersion (6.14 %) comparing to that on TiO2 (0.2 %) and MgO
(0.38 %) due to strong metal support interaction. Under the optimal condition of
temperature at 600 °C, a water-to-glycerol molar ratio of 12: 1 and a feed flow
rate of 0.5 ml/min, the 11.6 wt% Ni/CeO2 catalyst gave the maximum H2
selectivity of 74.7 %. In general, the catalytic performance followed the order:
Ni/CeO2> Ni/MgO> Ni/TiO2. At lower temperature of 550 °C, the TiO2 and CeO2
supported catalysts suffered deactivation due to carbon deposition, while Ni/MgO
catalyst showed better stability. Though Ni/CeO2 catalyst possessed the highest
glycerol conversion activity indicated by total gas flow rate among the three
catalysts, it deactivated to almost the same level of that over Ni/MgO catalyst
after 200 min-on-stream. Increasing temperature from 550 to 650 °C showed
positive effect on H2 selectivity over all catalysts, with the maximum value of
66 % achieved on Ni/CeO2 catalyst at 650 °C. Glycerol was completely converted
using the CeO2 and MgO supported catalysts at all temperature investigated. As
for Ni/TiO2 catalyst, though no complete conversion occurred, the conversion
increased at higher temperature with highest value of 83 % at 650 °C. Over
Ni/CeO2 catalyst, improved activity in methane steam reforming was observed at
higher temperature, indicated by increasing selectivity to H2 and the decrease in
CH4 selectivity. In contrast, CH4 selectivity increased with increasing temperature
on the MgO and TiO2 catalysts at the temperature range of 600 to 650 °C, more
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significantly over Ni/TiO2 catalyst, possibly due to high activity in glycerol
decomposition to CH4 under conditions used. At the same temperature range,
selectivity to CO2 on Ni/CeO2 catalyst decreased with liquid products appearing,
suggesting a substantial amount of carbon in glycerol was converted to liquid and/
or solid form. The effect of supports were explored by increasing the feed flow
rate from 0.5 to 0.7 ml/min, the water-to-glycerol molar ratio from 6: 1 to 12: 1
and the temperature from 550 to 650 °C. The overall performance of Ni/CeO2
catalyst was the best. Increasing the feed flow rate showed negative effect on both
H2 selectivity and glycerol conversion for all three catalysts due to less contact
time between catalysts and the feed. Though the reduction in H2 selectivity on
Ni/CeO2 catalyst was larger than that over Ni/MgO catalyst, the former still had
the highest H2 selectivity and glycerol conversion with a feed flow rate of
0.7 ml/min. With higher water-to-glycerol molar ratios, the selectivity to H2 over
CeO2 and MgO supported catalysts increased to 74.7 and 38.6 %, respectively, as
the result of enhanced WGS reaction. However, Ni/TiO2 catalyst, on the contrary,
suffered from deactivation with increasing water-to-glycerol molar ratio, the
reason for which is not clear. At 550 °C, the MgO and CeO2 catalysts were more
resistant to carbon formation, due to less acidity comparing to Ni/TiO2 catalyst.
Glycerol steam reforming over Ni supported on these three metal oxides was
again studied in another research of Adhikari et al.55. Differently, Ni/MgO catalyst
was the one with the best performance among all three catalysts, with the maximal
H2 yield of 56.6 % at 650 °C. However, Ni/CeO2 catalyst still had the highest H2
selectivity of 66.69 % achieved at 550 °C. The feed flow rate used in this work
was 1.0 ml/min, which was double of that used in the previously mentioned one
(0.5 ml/min), and might have an effect on the experiment results. As observed in
the previously stated work, with increasing feed flow rate, Ni/MgO catalyst
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exhibited more stable activity while Ni/CeO2 catalyst suffered from significant
deactivation. Additionally, a higher Ni loading of 15 wt% was used in this work,
comparing to only about 10 wt% Ni loaded in another one, which might also
contribute to the difference in the activity orders observed.
1.4.3.4 Other model compounds
Acetol, also known as hydroxyacetone, is a three-carbon compound
possessing alcohol and ketone groups and is being considered as one of the major
compounds in the bio-oil aqueous faction. Ramos et al.56 selected acetol as the
model compound and conducted a general study concerning the steam reforming
of acetol over some coprecipitated Ni-Al catalysts. The main reactions besides
methane steam reforming ( 1.1 ) and WGS reaction ( 1.2 ) were suggested as
following: Acetol steam reforming:
C3H6O2 + H2O → 3 CO + 4 H2

( 1.25 )

C3H6O2 +4 H2O → 3 CO2 +7 H2

( 1.26 )

C2Hn +2 H2O → 2 CO + (2+n/2) H2

( 1.27 )

C2 steam reforming:

In the non-catalytic steam reforming experiment at 650 °C, acetol was not
completely converted to gas while acetic acid was which indicated that acetol was
more difficult to be reformed than acetic acid.14 With the presence of catalysts, H2
yield and acetol conversion were enhanced. The increase of steam-to-carbon ratio
from 3.3 to 4.6 further promoted the CH4 and C2 steam reforming reactions thus
H2 yield was close to the equilibrium value when S/C was 4.6. The effects of La
and Co were also investigated and the results showed that catalyst with the Co/Ni
atomic ratio of 0.25, which had highest Co content, presented the highest H2 yield
while La showed high acetol conversion activity but low H2 selectivity.
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Rioche et al.57 chose acetic acid, ethanol, acetone and phenol as the model
compounds of bio-oil. They used Pt, Pd and Rh supported on alumina and
ceria-zirconia in the temperature range of 650 – 950 °C. The 1 wt% Rh/CeZrO2, 1
wt% Pt/CeZrO2 and 1 wt% Rh/Al2O3 catalysts possessed best integrated catalytic
activity and H2 selectivity while Pd catalysts were the least active. This was in
accordance with the earlier discussed researches. It could be also seen that the
support had strong influence in the product distribution. The redox ceria-zirconia
support could effectively suppress CH4 formation and preferred H2 production
while significant amount of CH4 was formed over the acidic Al2O3 support.
Generally, temperature higher than 700 °C was needed for complete conversion of
these four model compounds.

1.5 Catalyst synthesize methods
Major techniques for preparing supported steam reforming catalysts are
incipient wetness impregnation, wet impregnation, coprecipitation and sol-gel
method. Guggilla et al. 58 designed and prepared the RuO-NiO-CeO2-Al2O3
catalysts by sol-gel method. The catalysts were tested in steam reforming of
n-dodecane. The catalyst with Ru, Ni and CeO2 contents of 1, 2.5 and 3 wt%,
respectively, had larger Ni surface area and higher basicity resulting in higher
activity and hydrogen yield at 600 °C. It was also observed that the presence of
Ru and CeO2 enhanced the Ni reduction and catalytic stability. Takeishi et al.59
also prepared the Cu-Zn (29-1 wt%) powder catalyst by sol-gel method for the
steam reforming of dimethyl ether. This catalyst completely converted dimethyl
ether at temperature as low as 300 °C and presented good catalytic stability during
a 240-h accelerated durability test at 320 °C. In many circumstances, two methods
will be applied together to synthesize the desired catalysts. In the research of
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Caillot et al.60, coprecipitation method was used for preparing the La0.8Sr0.2CrO3
matrix followed by the wet impregnation of the as-formed La0.8Sr0.2CrO3 support
with Ru(NO)(NO3)3 aqueous solution. This 1 wt% Ru/ La0.8Sr0.2CrO3 catalyst was
very active at 800 °C in methane steam reforming and the same Ru content found
in the spent catalyst indicated that Ru was well stabilized on the support. Lee et
al. 61 synthesized a highly stable Ru catalyst over a nanostructured alumina
support by, firstly, using appropriate alumina precursor and cationic surfactant for
hydrothermally synthesizing the nanostructured alumina support and then
introducing Ru by incipient wetness impregnation to the support with Ru
precursor solution. This nanostructured alumina supported 2 wt.% Ru catalyst was
highly active and stable in the steam reforming of natural gas under the reaction
condition of S/C =3 and temperature range of 550–750 °C. This was due to the
superior properties of the nanostructured alumina support such as high thermal
stability, large pore volume and high surface area with fibrous morphologies.

1.6 Design of CO2 absorbents
As mentioned earlier, thermodynamically, in-situ CO2 sorption has positive
effect in hydrogen production during steam reforming process. In fact, many
technologies like energy storage systems in chemical heat pump and hydrogen
production from integrated coal gasification need CO2 capture nowadays.62,63,64,65
In fossil-fuel-fired power plants, large-scale CO2 capture and sequestration (CCS)
has been developed since the increasing CO2 emission is widely considered as the
main contributor to global climate change.66,67
During sorption enhanced steam reforming, catalyst is mixed with the
sorbent in one reactor, for the selective removal of CO2, shifting the reaction
equilibrium towards H2 production. This way, the complexity of the reactor unit
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and the reaction temperature can be reduced. Thus sorption enhanced steam
reforming is more cost-effective.
The ideal and practical CO2 sorbent should undergo multiple cycles of
carbonation/regeneration without deactivation. Currently, the most widely used
commercial CO2 absorbents are amine-based, such as monoethanolamine used in
post combustion carbon capture technology.68 However, the application of this
kind of absorbents is very energy-intensive and is limited to small scale and low
temperature.68,69 Thus, calcium based (Ca-based) absorbents which exhibit fast
carbonation and regeneration rates over the temperature range of

200 –

800 °C, high CO2 capacity and low material cost, are the most promising
candidates for large scale CCS at elevated temperature (600-700 °C).70 The major
kinds of Ca-based absorbents are Ca-containing natural materials, such as
dolomites

and

limetone,

and

synthesized

Ca-based

absorbents,

such

CaO/Ca12Al14O33 absorbent.71 Capture of CO2 by CaO sorbents is based on the
reversible reactions between CaO and CO2, leading to the formation of CaCO3.
The carbonation (capture) process is typically carried out at around 650 °C and
the decarbonation (regeneration) of reacted sorbent, in general, occurs at around
900 °C. The capture process consist of an initial fast chemical-reaction controlled
stage followed by a relatively slow diffusion controlled stage during which CO2
has to diffuse though a product layer on the sorbent surface to reach the interior
unreacted sorbent.
The most common drawback of the Ca-based CO2 absorbents, which was
almost always observed, is the rapid loss of the sorbent surface area and
significant reduction of the volume of relatively small pores necessary for storage
of the bulky CaCO3 product.72 CaO sorbents derived from naturally occurring
precursors are generally microporous (pore size < 2 nm) which is highly
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vulnerable to pore blockage and plugging due to an expansion in molar volume
from CaO (17 cm3/mol) to CaCO3 (37 cm3/mol).73 Florin and Harris74 observed
that, in N2, though temperature above 700 ° C could enhance the rate of
calcinations, loss of surface area due to sintering would occur. Because of the
thermodynamic limitations, calcinations temperature has to be elevated which
make the sintering effect more severe. Thus there should be a compromise
between the minimal surface area loss and the sufficient calcinations rate.
Moreover, the presence of CO2 in the calcinations atmosphere has a dramatic
effect in the reactivity of CaO. The experimental data showed an increasing ratio
of larger to smaller pores which diminishes the surface area and the pore volume.
In other words, CO2 partial pressure effects the pore size distribution. Besides,
Manovic72 found the formation of a nonporous carbonate shell around the sorbent
particles, which contributes limitation for the conversion. Much research has been
performed in order to improve the activity and stability of Ca-based absorbent.
The major strategies are 1) reducing sintering by introducing dopants75,76,77,78, 79
and/or incorporating inert materials14,71,75,80,81,82 and 2) increasing the porosity
and surface area by using different calcium precursors,74,83,84such as nanomaterials
and organometallic compounds.
Li et al.82 developed a series of MgAl2O4 spinel-stabilized CaO absorbents
which showed better long-term stability. Because the spinel nanoparticles have
excellent thermal and chemical stability, they can physically separate small CaO
particles and thus effectively prevent small CaO particles from agglomeration.
The major factors which caused sintering are the large amount of heat released
from the exothermic carbonation process which caused thermal expansion, the
volume increase of CaCO3 form CaO which shortened the distance between the
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sorbent particles and the relative low Tammann temperature of CaCO3 (533 °C)
comparing to the normal carbonation temperature. Thus the capabilities of this
kind of absorbent to remain small in particle size and stay in a highly dispersed
phase make them powerful high-temperature absorbents with long-term stability
and high CO2-campture capacity. Li et al.71 integrated a uniformly distributed
inert Ca12Al14O33 binder into the Ca-based absorbents which also physically
retarded the sintering of CaO micrograins. Florin et al.81 also synthesized a
long-term CaO-based absorbent with inert binder derived from precipitated
CaCO3 and Al(OH)3. They suggested that the heat transfer in the reactor is
detrimental to the formation of calcium-aluminum binder. Lu et al.75,76 utilized the
flame spray pyrolysis method, other than the conventional wet chemical and/or
solid-state processes, to synthesis CaO nanosorbents doped with materials with
high Tammann temperatures. These refractory dopants are expected to enhance
the sintering resistance and durability of sorbents. Sorbent consist of Zr/Ca
(atomic ratio of 3: 10), which achieved the optimal balance between the stability
and performance, displayed best performance. This is because addition of small
amount of ZrO2 could improve the resistance to sintering while large amount of
dopants would transform free CaO to crystalline CaZrO3. Moreover, the
so-formed nanosorbents had large surface area and pore volume and inherent
robustness and thermal stability due to rapid heating/cooling process during
synthesis. In an early study, Reddy et al.77 doped CaO sorbent with alkali metal
cesium to form high-temperature sorbents. Those prepared from CsOH and
Cs2CO3, which result in highly dispersed Cs2O, showed significant high CO2
capacity. The basic nature of Cs enhanced the affinity of sorbents towards CO2
greatly. Interestingly, the adsorption of CO2 is likely to happen on the Cs2O rather
than CaO. Luo et al.78 investigated a hollow structured CaO sorbent doped with
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La2O3 prepared by sol-gel combustion synthesis. During the preparation process,
metal precursors decomposed with release of large amount of gases and heat
which allowed the so-formed CaO and La2O3 to sufficiently mix at microscopic
level. The well dispersed La2O3 not only can prevent agglomeration of small CaO
particles but also reversibly react with CO2 and, therefore, enhance the CO2
capture capacity of the sorbent. Li et al.79 reported a KMnO4-doped sorbent with
the mass ratio of KMnO4/CaCO3 in the range of 0.5 – 0.8 wt.% which can
improve the long-term performance of sorbent: maintaining a high sorbent
conversion (0.35) after 100 cycles while the untreated sorbent, at the same
condition, had only 0.16 carbonation conversion value.
Martavaltzi et al.80 derived a CaO-Ca12Al14O33 absorbent from a series of
CaO precursors. The use of calcium acetate as the precursor resulted in 65%
improvement in the CO2 uptake compared to CaO-Ca12Al14O33 derived from other
precursors. Liu et al.83,84 tried a range of organometallic calcium and magnesium
precursors and all the absorbents obtained by a wet mixing method showed high
and stable CO2 capture capacity close to their corresponding theoretical maximum.
Among those tested, the one made from calcium D-gluconate (CG) and
magnesium D-gluconate had the best performance. These sorbents appeared to
have large volume of large pores (> 200 nm) and demonstrated a much lower
regeneration completion temperature comparing to that of conventional CaO. The
maximum mass loss (89.8%) from the CG durng the thermal decomposition
among other organometallic precursors induced the highest surface area and the
superior CO2 capacity of CG-CaO absorbent.
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1.7 Objectives of study
The main objective of this study is to develop an adequate catalyst for steam
reforming of bio-oil. Steam reforming of model compounds, namely n-propanol,
glycerol and acetic acid, would be conducted over several catalysts at 450 or
500 °C. Catalysts were synthesized by sol-gel method or incipient wetness
impregnation, loaded with Ni and/ or Ru supported on alumina, ceria-promoted
alumina or ceria-promoted silica. The effect of support nature, synthesis method,
ceria and Ni loadings and reaction temperature on activity and stability of
catalysts in steam reforming of individual model compounds would be studied.
Catalysts showing appropriate activities would then be selected for further
investigations, involving the steam reforming of a glycerol/acetic acid aqueous
mixture, which has the composition simulating a cellulose-derived bio-oil.85
To further enhance the H2 production, different calcium based CO2 absorbent
with or without MgO support would be synthesized. The absorbent with the best
performance in a 15-carbonation/regeneration-cycle test would be selected and
applied in the investigation of sorption-enhanced steam reforming of the
glycerol/acidic acid mixture.
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CHAPTER II
Experimental
2.1 Catalysts preparation
Catalysts were prepared by two methods: one was a one-pot sol-gel method
and the other was incipient wetness impregnation method. By sol-gel method,
precursors of support and metals will be sufficiently mixed together, strong
interaction between support and metal components will be achieved during
calcination. Through incipient wetness impregnation method, the properties of
catalyst will be more controllable. The structure of catalyst prepared mainly
depends on that of the support chosen and the way in which metals interact with
other components, which can be controlled by altering the sequence of
impregnation of metal precursors. Nickel, ruthenium and ceria were chosen as the
catalyst components for the following reasons. Nickel and ruthenium are highly
active in steam reforming. H2 spillover from ruthenium and O2 storage capacity of
ceria can prevent metal oxidation and suppress coke formation. Ru can also shift
the catalytic activity towards lower temperature. Ceria can enhance the
metal-support interaction, metal dispersion and prevent alumina from sintering at
high temperature. Moreover, ceria can participate in WGS and the basic nature of
ceria can reduce the surface acidity of alumina. Silica and alumina were used as
support. Inert silica was mainly used for comparison in order to investigate the
effect of surface acidity of supports on the performance of catalyst during steam
reforming.
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2.1.1.

Sol-gel method

Chemicals used in sol-gel method were: Tetraethyl orthosilicate (TEOS),
Aluminum tri-sec-butoxide (ATB, 97 %, Aldrich), Nickel (II) nitrate hexahydrate
(Aldrich), cerium (III) nitrate hexahydrate (99.50%, Acros), ruthenium (III)
chloride (Aldrich), nitric acid (65 – 68 %, Farco Chemical). Silica supported
catalyst containing 1 wt % Ru, 2.5 wt % Ni and 3 wt % CeO2 while alumina
supported catalysts with 1 wt % Ru, 2.5 wt % Ni and 3 wt % CeO2 were prepared.
The preparation method was similar to that used by Guggilla et al.43 A known
amount of support precursor was dissolved in ethanol with vigorous stirring at
80 °C. Then, small amount of 65 % nitric acid in distilled water mixed with
ethanol was added into the solution for partial hydrolysis of the support precursor.
After stirring the solution for 10 min, cerium (III) nitrate with amount of 0.5056 g
for 10 wt% CeO2 and 0.1514 g for 3 wt% CeO2, 0.2477 g nickel nitrate for 2.5
wt% Ni loading and ruthenium chloride of 0.02 g for 1 wt% Ru content were
sequentially added for every 2 g desired catalyst while stirring which was
continued for another 30 min at room temperature. Temperature was then raised to
80 °C and kept there for 2 h under vigorous stirring. An appropriate amount of
water was added when the solution was cooled to room temperature and a viscous
dark gel was formed. The formed gel was aged for 3 days, then dried at 40 °C for
48 h and finally calcined at 500 °C for 5 h in air.
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The xerogel catalysts with the following compositions were prepared:
Table 2.1 Composition and nomenclature of catalysts prepared by the sol-gel
method.
Composition

Support material

Notation

SiO2

SgS3C2.5N1R

Al2O3

SgA3C2.5N1R

1 wt % Ru, 2.5 wt % Ni, 3 wt % CeO2 and
93.5 wt% SiO2
1 wt % Ru, 2.5 wt % Ni, 3 wt % CeO2 and
93.5 wt% Al2O3

2.1.2.

Incipient wetness impregnation method

Chemicals used in incipient wetness impregnation method were alumina
(PURALOX SCCa-150/230, Condea), nickel (II) nitrate hexahydrate (Aldrich),
Cerium (III) nitrate hexahydrate (99.50%, Acros), Ruthenium (III) chloride
(Aldrich). Alumina supported catalysts with Ru content = 1 wt % and/ or Ni
content = 2.5 or 10 wt % and/ or CeO2 content = 3 or 10 wt % were prepared.
Initially, all metal precursors were dissolved in a minimum amount of water
separately. Then, solutions containing Ce, Ni and Ru were added to Al2O3 support
sequentially. Once a metal precursor solution was added, the slurry was dried at
120 °C for 8 h and calcined at 500 °C for 4 h in air before the addition of the next
metal-containing solution. In order to investigate the influence of calcination on
Ru component, after the final addition of Ru-containing solution, some catalysts
were only dried in air at 120 °C for 8 h without calcination. These are marked
with “nc” in the notation; for those with Ru-component calcined at 500 °C for 4 h,
the mark was “c” in the notation.
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Catalysts with the following compositions were prepared:
Table 2.2 Composition and nomenclature of catalysts prepared by the incipient
wetness impregnation method.
Ru-component calcined
Composition

Notation
(Y/N)

1 wt % Ru, 2.5 wt % Ni, 3 wt %
N

A3C2.5N1Rnc

N

A3C10N1Rnc

N

A10C1Rnc

N

A10C10N1Rnc

N

A10N1Rnc

CeO2 and 93.5 wt% Al2O3
1 wt % Ru, 10 wt % Ni, 3 wt %
CeO2 and 86 wt% Al2O3
1 wt % Ru, 10 wt % CeO2 and
89 wt% Al2O3
1 wt % Ru, 10 wt % Ni, 10 wt %
CeO2 and 79 wt% Al2O3
1 wt % Ru, 10 wt % Ni and
89 wt% Al2O3

2.2. Catalyst characterization
2.2.1.

BET

The specific surface areas of the catalysts were calculated from nitrogen (N2)
adsorption-desorption data obtained by a Quantachrome NOVA 1200 surface
analyzer at – 196 °C and a value of 0.1624 nm2 was used for the cross-section of
the N2 molecule. Samples were outgassed at 200 °C for 2 h to ensure a clean
surface before adsorption. The influence brought by metals and promoters to the
surface area of support can be observed by comparing the support and the
catalysts.
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2.2.2.

X-ray diffraction (XRD)

Crystalline structures of catalysts were investigated to study the
metal-support interaction and metal dispersion. Identification of surface phases of
catalysts can be achieved by matching the diffraction patterns with the ICCD
PDF-2 Database released at 2009.
2.2.2.1. Conventional XRD
XRD patterns were obtained with Bruker AXS D8 Advance X-ray
diffractometer, using Cu Kα X-ray at 40 kV and 40 mA in the parallel beam
geometry. The catalyst powders were loaded onto a standard sample holder and
the diffraction pattern was recorded in steps of 0.003° over a range of 2θ angles
from 15 to 90°.
2.2.2.2. In situ XRD
An Anton-Parr XRK 900 reaction chamber was installed in the Bruker AXS
D8 Advanced X-ray diffractometer for in-situ reduction of the catalysts. After
reduction of samples under 40 ml/min 4.8 % H2 in Ar at 673 K for 30 min, XRD
profiles of the reduced samples were obtained with the same X-ray setting as the
conventional XRD experiment without allowing the samples to be exposed to air.

2.2.3.

Temperature-programmed reduction (TPR)

By the TPR technique, the reduction characteristics of calcined catalysts can
be investigated and the relative proportion of different reducible species can be
estimated. In each experiment, 50 mg powder catalyst was loaded in a quartz tube
and fixed by quartz wool. Temperature was monitored with a Type K
thermocouple placed inside the tube, tip touching the sample powder. Catalyst
was first treated under air stream for 120 min at 300 °C, removing contaminants
and water, ensuring all the active components were fully oxidized. During the
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reduction program, temperature increased from 50 to 900 °C at a rate of
10 °C/min under 40 ml/min 4.8 % H2 in Ar and the TPR profile as a function of
temperature was recorded by a thermal conductivity (TCD) detector.

2.2.4.

Scanning electron microscopy/energy dispersive X-ray (SEM/EDX)

SEM/EDX analyses were carried out with a LEO 1530 field emission SEM
provided with an Oxford energy dispersion X-ray detector. A thin-layer of catalyst
sample was mounted on a carbon tape and then coated with gold.
With a high-resolution SEM image of the structure of a catalyst, the form in
which metal or oxides existed (crystalline or amorphous) on the catalyst surface
could be examined. Maps obtained by EDX could be used to confirm whether the
desired metal loadings were achieved or not and to check the degree of uniformity
in the dispersion of active species on the support.

2.3. Catalytic steam reforming
2.3.1.

Catalytic activity test setup

The steam reforming of model compounds was carried out in a fixed bed
tubular reactor made of stainless steel with two online gas chromatographs for
product analysis. 0.25 g catalyst powder was packed between two plugs of quartz
wool, placed at the center of the tubular reactor and activated in situ by 10% H2 in
Ar stream with a total flow rate of 20 ml/min at 400 °C for 30 min. Hydrogen was
then removed by purging the reactor with Ar at a flow rate of 60 ml/min for 1 h.
When the activation step was over, the temperature was elevated to 500 °C and
the flow rate of Ar was reduced to 20 ml/min. The model compound/ water feed
with a steam-to-carbon ratio of 4 was delivered by a High performance liquid
chromatography metering pump with a flow rate of 0.1 ml/min.
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The amounts of organic reactants and water used in preparing the feed were
summarized in the following table.
Table 2.3 Composition of liquid feed used for steam reforming activity tests.
Steam-to-carbon ratio

Oxygenates (ml or g)

Water (ml)

4

n-propanol

60.00 ml

173.72

4

Glycerol

60.00 g

140.85

4

Acetic acid

57.20 ml

144.00

4

Glycerol

42 g

141.79

Acetic acid

17.18 ml

During all the steam reforming tests, the tubular reactor was kept at ambient
pressure and 450 °C or 500 °C. In order to protect the sampling valves and
columns of gas chromatography (GC) from plugging by high molecular weight
products, an ice-water bathed condenser was placed between the reactor and the
sample valve. Unconverted n-propanol, nonvolatile products and excess water
were condensed. The gaseous products such as H2, CO, CO2 and CH4 were
analyzed on-line by two GC with TCD detectors. In one GC, H2 was detected
using argon (30 ml/min) as the carrier gas. A MOLESIEVE 5A column was used
to separate hydrogen from other components. Other products were detected with
the other GC using helium (30 ml/min) as the carrier gas. Carbon dioxide (CO2),
ethene (C2H4), ethane (C2H6), propene (C3H6) and propane (C3H8) were separated
by a HAYESEP Q column while Ar, CO and CH4 were separated by a
MOLESEIVE 13x column.
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Table 2.4 Composition of gaseous products monitoring system.
GC

Column

Carrier gas

Gas detected

GC1

MOLESIEVE 5A

Ar

H2

HAYESEP Q

CO2, C2H4, C2H6, C3H6 and C3H8
He

GC2
MOLESEIVE 13x

2.3.2.

Ar, CO and CH4

Calculation

Prior to the steam reforming reaction, sensitivity factor of each gaseous
product to the GC detector with reference to Ar was determined using standard
gas mixtures. These factors were used for calculating their concentrations in the
effluent. Ar (20 ml/min) was included in the reactant stream as the internal
standard and the total effluent flow rate was calculated from the peak areas (A) of
Ar in both calibration and experiment. Take H2 as an example:
The sensitivity factor of H2 based on Argon from standard gas mixture:
RH2/Ar = (AH2,std./ CH2,std.)/ (AAr,std./ CAr,std.)
The concentration of Ar in experiment:
CAr,rxn. = fAr/ ftotal = (AAr, rxn. × CAr,std.)/ AAr,std.
The total flow rate of effluent:
ftotal = fAr/ CAr,rxn.
The concentration of H2 in experiment:
CH2,rxn. = (AH2,rxn. × CAr,rxn.)/ ( AAr,rxn. × RH2/Ar)
The flow rate of H2 in effluent:
fH2 = CH2,rxn. × ftotal
In these equations, f was the volumetric flow rate of the subscripted species in
ml·min-1. The molar flow rate (F) by dividing f with the molar volume.
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2.3.2.1. n-propanol steam reforming
The overall n-propanol S.R. reaction equation is:
C3H8O + 5H2O → 3CO2 + 9H2
Calculations of the percentage yield and the selectivity of gaseous products (H2,
CO, CO2, CxHy represented by YH2, YCO, YCO2, YCxHy and SH2, SCO, SCO2, SCxHy,
respectively and CxHy referred to CH4, C2H4, C2H6, C3H6 and C3H8) and the
conversion of n-propanol (XPrOH)were based on the molar flow rates (F) of the
corresponding compounds in mol·min-1:
YH2 = FH2, out / 9·FPrOH, in
YCO2 = FCO2, out / 3·FPrOH, in
YCO = FCO, out / 3·FPrOH, in
YCxHy = xFCxHy, out / 3·FPrOH, in
SH2 = 100 × FH2, out / (3 × (FCO2, out + FCO, out + ΣxFCxHy, out))
SCO2 = 100 × FCO2, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCO = 100 × FCO, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCxHy = 100 × xFCxHy, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
XPrOH = (FCO2, out + FCO, out + ΣxFCxHy, out)/ 3·FPrOH, in
The equation for hydrogen is based on the maximum possible hydrogen yield
from propanol reforming to yield carbon dioxide. The H2 selectivity is defined as
the moles of H2 present in reformate normalized by the number of moles of H2
that could be produced if each mole of carbon in reformate had participated in
n-propanol steam reforming to CO2 to give 3 moles of H2. The selectivity of
carbon containing products is defined as the moles of carbon in each gaseous
product normalized by the total moles of carbon in the effluent gas. For the
conversion, it is based only on the gaseous products CO, CO2, CH4, C2H4, C2H6,
C3H6 and C3H8 determined by gas chromatography. Conversion is hence
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underestimated since carbon deposition and liquid phase products were not
included. The molar flow rate of n-propanol was calculated from the volumetric
flow rate of this reactant delivered by the pump.

2.3.2.2. Acetic acid steam reforming
The overall acetic acid S.R. reaction equation is:
C2H4O2 + 2H2O → 2CO2 + 4H2
Similarly, the yield and selectivity of main gaseous product and the conversion of
acetic acid (XHAc) were calculated as following:
YH2 = FH2, out / 4·FHAc, in
YCO2 = FCO2, out / 2·FHAc, in
YCO = FCO, out / 2·FHAc, in
YCxHy = xFCxHy, out / 2·FHAc, in
SH2 = 100 × FH2, out / (2 × (FCO2, out + FCO, out + ΣxFCxHy, out))
SCO2 = 100 × FCO2, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCO = 100 × FCO, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCxHy = 100 × xFCxHy, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
XHAc = (FCO2, out + FCO, out + ΣxFCxHy, out)/ 2·FHAc, in
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2.3.2.3. Glycerol steam reforming
The overall glycerol S.R. reaction equation was:
C3H8O3 + 3H2O → 3CO2 + 7H2
The yield and selectivity of main gaseous product and the conversion of glycerol
(XGly) were calculated as following:
YH2 = FH2, out / 7·FGly, in
YCO2 = FCO2, out / 3·FGly, in
YCO = FCO, out / 3·FGly, in
YCxHy = xFCxHy, out / 3·FGly, in
SH2 = 100 × 3 × FH2, out / (7 × (FCO2, out + FCO, out + ΣxFCxHy, out))
SCO2 = 100 × FCO2, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCO = 100 × FCO, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
SCxHy = 100 × xFCxHy, out / (FCO2, out + FCO, out + ΣxFCxHy, out)
XHAc = (FCO2, out + FCO, out + ΣxFCxHy, out)/ 3·FGly, in
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2.3.2.4. Acetic acid and glycerol mixture steam reforming
The weight ratio of acetic acid to glycerol in the reaction mixture was 3 to 7.
The yield and selectivity of main gaseous product and the conversion of mixture
(XMix) were calculated as following:
YH2 = FH2, out / (4·FHAc, in + 7·FGly, in)
YCO2 = FCO2, out / (2·FHAc, in + 3·FGly, in)
YCO = FCO, out / (2·FHAc, in + 3·FGly, in)
YCxHy = xFCxHy, out / (2·FHAc, in + 3·FGly, in)
Xmix = (FCO2, out + FCO, out + ΣxFCxHy, out)/ (2·FHAc, in + 3·FGly, in)
SH2 = 100 × YH2 / Xmix
SCO2 = 100 ×YCO2 / Xmix
SCO = 100 ×YCO / Xmix
SCxHy = 100 ×YCxHy / Xmix
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2.4 Absorbents preparation
Chemicals used in this section were magnesium oxide (A.R., PEKING
CHEMICAL WORKS), calcium d-gluconate monohydrate (≥ 98%, SIGMA),
anhydrous calcium acetate (MERCK).
2.4.1

Calcium oxide (CaO) based CO2 absorbents without support:

Calcium acetate was directly calcined at 900 °C for 1.5 h in air.

2.4.2

Magnesium oxide (MgO) nanoplate supported CaO-based CO2

absorbents
2.4.2.1

MgO nanoplate preparation

A hydrothermal treatment was applied to transform commercial bulk
magnesium oxide crystals to porous magnesium hydroxide nanoplates by the
method of Yu et al.86 In every synthesis run, 2 g MgO powders were added into
80 ml water in a stainless Teflon-lined autoclave. The autoclave was sealed and
maintained at 160 °C for 24 h and then air cooled to room temperature. The
product was collected and washed with water, air dried at 80 °C and finally
calcined at 450 °C for 4 h in air.
2.4.2.2

Supported CaO-based CO2 absorbents preparation

Minimum amount of water was added into a mortar containing the mixture of
selected CaO-precursor and MgO nanoplate with the CaO-to-MgO molar ratio of
1: 1. Each paste was thoroughly mixed using the pestle and then transferred into
crucibles and dried at 110 °C for 12 h. The dried products were calcined at 900 °C
for 1.5 h in air.
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The prepared absorbents were named as following:
Table 2.5 Nomenclature of absorbent prepared.
Sample name

CaO-precursor used

With MgO support

CGM

Calcium d-gluconate (CG)

Yes

CA

Calcium acetate (CAc2)

No

CAM

Calcium acetate (CAc2)

Yes

2.5 Absorbent characterization
The morphology of the MgO nanoplates was studied using SEM. The
specific surface area of the prepared absorbent was measured by nitrogen
adsorption and the crystal structures were studied by regular powder X-ray
diffraction. Procedures used were the same as those given in sections 2.2.1,
2,2,2,1 and 2.2.4.
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2.6 Absorbent testing
2.6.1

Setup

The CO2 adsorption capacities of absorbents CGM (CG-precursor with 50%
MgO), CA (calcined CaAc2), and CAM (CaAc2-precursor with 50% MgO) were
investigated in 15-cycle CO2 uptake and regeneration tests, carried out using a
thermogravimetric analyzer (PERKIN ELMER TGA 6). Around 5 mg of sample
was contained in a quartz holder, which was placed in the analyzer oven.
Temperature and the weight of sample were continuously monitored and recorded.
Before each test, the absorbent sample was pretreated at 900 °C for 10 min in
pure nitrogen (N2) to ensure the complete conversion of precursor to CaO and to
remove the moisture content. During the test, the reactant gas, consisting of
15 vol% CO2 and 85 vol% N2, and the pure N2 were manually switched using
valves. The flow rates of gases were controlled at 20 ml/min by flow controllers.
A typical carbonation/regeneration cycle started after cooling the sample from 900
to 650 °C at 10 °C/min in pure N2. For carbonation, temperature was held at
650 °C for 150 min in the reactant gas. For regeneration, after switching the
reactant gas back to pure N2, sample was heated to 900 °C at 10 °C/min with the
temperature kept at 900 °C for another 10 min. In a 15-cycle test, the cooling and
the following calcination/regeneration steps were repeated for 14 more times.
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2.6.2

Calculation

The CO2 absorption capacity and the CaO molar conversion in each cycle of
absorbents investigated were calculated as indicators of CO2 capture performance
based on eq. 1.24.
2.6.2.1

CO2 absorption capacities for absorbents with or without MgO support

The weight of CO2 absorbed (MCO2-uptaken) is:
Wadd – Woriginal = MCO2-uptaken
where Wadd and Woriginal refer to the weights of absorbent after and before each
carbonation, respectively.
The number of moles of CO2 absorbed (nCO2-uptaken) and CaO carbonated
(nCaO-carbonated) are:
nCO2-uptaken = nCaO-carbonated = MCO2-uptaken / M.W.CO2
where M.W.CO2 stands for the molecular weight of CO2 with a value of
44.01 g/mol.
The CO2 absorption capacity is:
CO2 adsorption capacity (mmol/g) = nCO2-uptaken / Woriginal
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2.6.2.2

CaO molar conversion for the absorbent without MgO support

The total number of mole of CaO in absorbent (nCaO-original) is:
nCaO-original = Woriginal / M.W.CaO
where M.W.CaO refer to the molecular weight of CaO at 56.08 g/mol.
The CaO molar conversion of absorbents without MgO support is:
CaO molar conversion= 100% * (nCaO-carbonated / nCaO-original)
2.6.2.3

CaO molar conversions for absorbents with 50 wt% MgO support

The total number of mole of CaO in absorbent (nCaO-original) is:
nCaO-original = Woriginal / (2 *M.W.CaO)
The CaO molar conversion of absorbents with 50 wt% MgO support is:
CaO molar conversion= 100% * (nCaO-carbonated / nCaO-original)
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2.7 Sorption-enhanced steam reforming
2.7.1

Setup

Sorption-enhanced steam reforming (SESR) was carried out at 500 °C using
the same setup for catalytic steam reforming. The selected absorbent was mixed
with the appropriate catalyst with the amounts of 1 g and 0.025 g, respectively.
The feed rate was correspondingly altered to 0.01 ml/min and the feed used in
SESR was the acetic acid/glycerol aqueous mixture with the weight ratio of acetic
acid to glycerol of 3 to 7.

2.7.2

Calculation

Same as the catalytic steam reforming, the yields and selectivity of main
gaseous products H2, CO2, CO, CH4, C2H4, C2H6, C3H6 and C3H8 and the
conversionsof mixture (XMix) based on carbon were calculated as following:
YH2 = FH2, out / (4·FHAc, in + 7·FGly, in)
YCO2 = FCO2, out / (2·FHAc, in + 3·FGly, in)
YCO = FCO, out / (2·FHAc, in + 3·FGly, in)
YCxHy = xFCxHy, out / (2·FHAc, in + 3·FGly, in)
XMix = (FCO2, out + FCO, out + ΣxFCxHy, out)/ (2·FHAc, in + 3·FGly, in)
SH2 = 100 × YH2 / Xmix
SCO2 = 100 ×YCO2 / Xmix
SCO = 100 ×YCO / Xmix
SCxHy = 100 ×YCxHy / Xmix
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CHAPTER III
Results and Discussion
3.1. Characterization of Catalysts
3.1.1.

BET surface area

Table 3.1 summarizes the BET surface area of all catalysts investigated. The
surface area of the alumina support used in the incipient wetness impregnation
method was also measured for comparison.
Table 3.1 BET surface areas of catalysts prepared.
Catalyst

BET surface area (m2/g)

S3C2.5N1Rsg

224

A3C2.5N1Rsg

131

Al2O3

119

A10C

108

A10C1Rnc

106

A10N1Rnc

109

A3C2.5N1Rnc

115

A3C2.5N1Rc

106

A10C2.5N1Rnc

110

A10C2.5N1Rc

97

A3C10N1Rnc

102

A3C10N1Rc

110

A10C10N1Rnc

89
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Silica based catalyst S3C2.5N1Rsg prepared by sol-gel method has the
highest surface area of 224 m2/g, followed by the alumina based A3C2.5N1Rsg
catalyst with surface area of 131 m2/g which is also prepared by the sol-gel
method. As for catalysts prepared by incipient wetness impregnation method, by
comparing the results of catalysts to that of alumina support, it can be observed
that the introduction of ceria, nickel and ruthenium components resulted in the
reduction of surface area, possibly due to the partial blockage of porous structure
of the support by the active metal containing particles. Generally, catalysts with
Ru component calcined at the last step of impregnation method have lower
surface areas than their non-calcined counterparts, for instance, the surface area of
the A3C2.5N1Rc catalyst is 106 m2/g while that of catalyst A3C2.5N1Rnc is 115
m2/g. However, it is the reversed case when comparing the surface areas of
A3C10N1Rc and A3C10N1Rnc catalysts. For catalysts prepared by the same
steps and with identical Ni and Ru loadings, the higher the ceria content, the lower
the surface area. For example, surface areas of catalysts loaded with 10 wt% Ni
and 1wt% Ru and leaving Ru precursor non-calcined follow the descending order
of A10N1Rnc > A3C10N1Rnc > A10C10N1Rnc. However, no obvious trend is
found over the variation of Ni loading. Catalyst A10C10N1Rnc having the highest
active metal contents possesses the lowest BET surface area of 89 m2/g.
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3.1.2.

XRD patterns of catalysts

3.1.2.1. Conventional XRD
Figure 3.1 shows XRD patterns of all catalysts investigated and the
ceria-alumina support prepared by incipient wetness impregnation method.

Figure 3.1 XRD patterns of catalysts (a) A10C, (b) A10C1Rnc, (c) A10N1Rnc, (d)
A3C2.5N1Rnc, (e) A3C2.5N1Rc, (f) A3C10N1Rnc, (g) A10C10N1Rnc, (h)
A3C2.5N1Rsg and (i) S3C2.5N1Rsg before reduction.
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Diffraction lines at around 28.6°, 33.1°, 56.4° and 76.9° appearing in all
XRD patterns except catalysts A10N1Rnc, A3C2.5N1Rsg and S3C2.5N1Rsg
were caused by ceria species. These became sharper and more intense with the
increase in ceria loading, indicating the formation of larger CeO2 particles as
loading increases, which is in agreement with other authors43. In catalysts loaded
with 10 wt% ceria, the CeO2 (220) peak at 47.5° became visible. Peaks found at
43.3° and 62.9°, which were attributed to NiO, were only present in diffraction
patterns of catalysts with 10 wt% Ni content and A3C2.5N1Rsg catalyst, showing
that the size of NiO particles increased with Ni loading and also Ni component
was not well dispersed on alumina when the catalyst was prepared via the sol-gel
method. Sharp diffraction peaks from RuO2 particles at 28.1°, 35.1° and 54.4°
were found in catalysts with Ru precursor calcined, namely A3C2.5N1Rc,
A3C.2N1Rsg and S3C2.5N1Rsg, suggesting that large crystalline RuO2 were
formed during calcination. Therefore calcination would be detrimental to Ru
dispersion. In catalysts prepared by impregnation method, aluminum oxide
showed characteristic broad diffractions at 37.7°, 39.5°, 45.9° and 66.9°. Due to
the large peak widths and closeness of these peaks to each other, strong overlap of
peaks of NiO (37.2°) and NiAl2O4 (37.0°) with Al2O3 (311) diffraction peak at
around 37.3° and that of NiAl2O4 (45.0°) from Al2O3 (400) at around 45.5° makes
the identification of NiAl2O4 difficult by XRD. No diffraction lines of silica or
alumina substrates are observed in catalysts prepared by sol-gel method showing
that the support materials are amorphous in these samples.
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3.1.2.2. In-situ XRD
Figure 3.2 summaries the XRD patterns of catalysts prepared by incipient
wetness impregnation method after in-situ reduced for 30 min at 400 °C.

Figure 3.2 XRD patterns of catalysts (a) A10C, (b) A10C1Rnc, (c) A10N1Rnc, (d)
A3C2.5N1Rnc, (e) A3C2.5N1Rc, (f) A3C10N1Rnc and (g) A10C10N1Rnc after
in-situ reduced for 30 min at 400 °C.
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After the in-situ reduction, no remarkable change in diffraction peaks of ceria
and alumina can be observed. Full reduction of NiO in the A10N1Rnc catalyst is
suggested by the disappearance of NiO diffraction line at 43.3° along with the
appearance of new peaks at 44.5°, 51.8° and 76.4° corresponding to metallic Ni
phase. In contrast, the persistence of NiO reflections in the diffraction patterns of
reduced A3C10N1Rnc and A10C10N1Rnc catalysts indicates that only part of
NiO species was reduced in 30 min at 400 °C. Increasing the time of reduction to
40 minutes did lead to reduction of the NiO into metallic nickel. Peaks
representing RuO2 disappeared in the XRD patterns of catalysts A3C2.5N1Rc
while new diffraction peaks appeared at 42.2° and 44.0° attributing to Ru metal,
all suggesting that RuO2 was fully reduced. Weak peaks relating to metallic Ru
phases in the diffraction pattern of reduced A10C1Rnc catalyst indicates that Ru
was well dispersed on A10C support. The XRD patterns of reduced catalysts
A3C2.5N1Rnc, A3C10N1Rnc and A10C2.5N1Rnc also exhibit peaks at around
44.3°. These might be interpreted as due to the overlapping broad Ru(101) and
Ni(111) peaks. Other peaks which can corroborate the presence of Ni (51.8°) or
Ru (42.2°) metals are unfortunately hardly distinguishable from the background
noise. The absence of Ru peaks in reduced catalysts A10N1Rnc and
A10C10N1Rnc indicates better dispersion of metallic Ru species.
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3.1.2.3. Summary of XRD data
From the XRD patterns of fresh and reduced impregnated catalysts, it can be
observed that the amount of crystalline CeO2 increased with ceria loadings. The
addition of Ru enhanced the ceria dispersion probably through strong Ru-ceria
interaction. More NiO crystallites can be observed in catalysts with higher Ni
content. The calcination of Ru precursor resulted in increasing amount of
crystalline NiO and RuO2 particles and possibly more NiAl2O4 phases as well,
suggesting that prolonged heating in air has a negative effect on the dispersion of
Ni and Ru species over catalyst surface. By comparing the diffraction patterns of
reduced A10N1Rnc, A3C10N1Rnc and A10C10N1Rnc catalysts, it can be
concluded that the reducibility of NiO phases decreased with the increase in ceria
loading, which should be ascribed to the strong interaction of ceria with nickel.
From the diffraction patterns of S3C2.5N1Rsg and A3C2.5N1Rsg catalysts,
it can be observed that Ru is better dispersed on silica substrate while alumina
substrate is beneficial for Ni dispersion. Ceria is highly dispersed over both
substrates through sol-gel method since no CeO2 relating diffractions were visible
suggesting the existence of ceria in the amorphous phase.
The effect of preparation method on the dispersions of active phases can be
inferred by comparing the XRD patterns of catalysts A3C2.5N1Rsg, A3C2.5N1Rc
and A3C2.5N1Rnc: ceria was better dispersed in the catalyst prepared by sol-gel
method while Ni component was well dispersed through the introduction by
incipient wetness impregnation method and the dispersion of Ru component was
dramatically reduced by calcination.
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3.1.3.

TPR of catalysts prepared by incipient wetness impregnation method

Figure 3.3 presents the TPR profiles of all catalysts prepared by the incipient
wetness impregnation method along with that of the ceria modified alumina
support for comparison.

Figure 3.3 TPR profiles of catalysts (a) A10C, (b) A10C1Rnc, (c) A10N1Rnc, (d)
A3C2.5N1Rnc, (e) A3C2.5N1Rc, (f) A3C10N1Rnc and (g) A10C10N1Rnc
prepared by incipient wetness impregnation method. The x-axis corresponds with
time on stream, the left y-axis indicates H2 consumption by catalysts and the right
y-axis represents the reactor temperature. Data has been offset along the y-axis for
clarity.
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The TPR profile of A10C support shows an extremely broad peak centered at
around 395 °C with a wide tail of H2 consumption at higher temperatures and a
shoulder centered at 852 °C. The lower temperature peak is caused by the
reduction of surface Ce(IV) to Ce(III) species in small ceria particles and the
shoulder peak is related to reduction of Ce(IV) in the bulk of the ceria particles or
the reduction of ceria species strongly interacting with the alumina support.
Guggilla et al.58 reported a similar reduction band of ceria from a ceria-alumina
substrate starting from 380 to 800 °C. In the A10C1Rnc reduction profile, besides
the broad ceria reduction peaks, another reduction band consisting of several
overlapping peaks appeared in the temperature range of 80 to 220 °C. According
to them, in the TPR profile of a ruthenium based catalyst supported on
ceria-modified alumina, the overlapping reduction peaks centered at 120 and
145 °C denoted a bimodal dispersion of the RuO2 species. Two reduction peaks
centered at 140 and 195 °C were observed in the reduction profile of an
alumina-supported Ru catalyst without Ru precursor calcined in Mazzieri et al.’s
research87 Based on the work of Koopman et al.88 reporting that RuCl3 can be
oxidized by air at room temperature, Mazzieri et al. assigned the first peak to the
reduction of unsupported RuCl3 and the second peak at higher temperature side to
RuO2 reduction. They also observed a shoulder at 152 °C of a reduction peak of
RuO2 at 197 °C in the TPR profile of a Ru precursor calcined catalyst and
assigned the shoulder to the reduction of ruthenium oxychloride. Reddy P.S.S. et
al.89 reported the reduction peaks at 239 and 211 °C associating with RuO2
having stronger and weaker interactions with alumina support, respectively. Thus,
the reduction peaks centered at 152 and 178 °C shown in the TPR profile of
catalyst A10C1Rnc Fig. 3.3(b) should be attributed to the combined reductions of
different Ru species interacting with the A10C support to different extents.
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Similarly, in the TPR profile of catalyst A10N1Rnc, peak at 158 °C should denote
to ruthenium oxychloride or RuO2 species weakly interacting with support and/or
Ni component while the one at 176 °C should belong to RuO2 having stronger
interaction with other components, respectively. The A10N1Rnc catalyst also
showed another reduction peak centered at 395 °C with a tail at higher
temperature side followed by a weak peak at around 758 °C. Sengupta et al.90
reported the reduction of pure NiO to metallic nickel at 455 °C. Hu et al.91
assigned the reduction peaks from a 25 wt% Ni/Al2O3 catalyst at 429, 673 and
853 °C to NiO species weakly, mildly and strongly interacted with alumina,
respectively. In the research of Choi et al.51, the reduction of NiO to metallic Ni
and that of Ni species from NiAl2O4 strongly interacting with the support in a 15
wt% Ni/Al2O3 catalyst occurred at around 445 and 843 °C, respectively. Thus, this
major reduction peak should be attributed to the reduction of NiO particles with
the tail corresponding to NiOx species at the NiO-alumina boundary interacting
with the alumina surface and the following weak peak should be caused by the
reduction of Ni species strongly interacting with the support, possibly from the
surface NiAl2O4 species.
From the above information, TPR profiles of the impregnated catalysts can
generally be divided into three temperature ranges: firstly the low temperature
range from 80 to 240 °C containing mainly Ru reduction, secondly the middle
temperature range from 240 to 690 °C in which Ni species weakly interacting
with catalyst support were reduced and lastly the high temperature range of 690 to
890 °C corresponding to reduced Ni species with strong metal support interaction.
The ceria reduction band spreads over these three temperature ranges due to
complex interactions with other components. The higher the loadings of Ni and
ceria, the more H2 consumption by NiO and CeO2 can be observed.
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3.1.3.1. The effect of Ru addition
In A10C1Rnc profile, the reduction band of ceria species shifts to a much
lower temperature range comparing to that of support A10C which should be
ascribed to the H2 spillover phenomenon in the presence of Ru. Yermán et al.92
and Guggilla et al.58 reported that H2 dissociated on Ru can spill over onto other
metal oxides, hence promoting the reduction of other metal components at lower
temperatures. Likewise, the reduction temperatures of Ni species in catalyst
A10N1Rnc are lower in the present work comparing to that of previously
mentioned monometallic Ni based catalysts51,91,92, which is in agreement with
other works46,59.
3.1.3.2. The effect of ceria loading
By comparing TPR profiles of catalysts A10N1Rnc, A3C10N1Rnc and
A10C10N1Rnc it can be observed that the reduction peaks of RuO2 shifted to
higher temperatures with the increase in ceria, which implies stronger interaction
of Ru component with alumina support modified with higher amount of ceria.
From the concurrent shift of reduction peaks in the high temperature range
towards lower temperatures, the enhanced reducibility of NiO and CeO2 species
due to increasing ceria loading can be observed.
3.1.3.3. The effect of calcination of Ru precursor
Comparing the TPR profiles of catalysts A3C2.5N1Rc to its counterpart that
was subjected to calcination after the impregnation of the ruthenium precursor,
namely catalyst A3C2.5N1Rnc, it can be found that all reduction peaks shifted to
higher temperatures, suggesting that the calcination of Ru precursor decreased the
reducibility of catalysts. With Ru precursor calcined, the increasing proportions of
larger RuO2 particles can be revealed by more intense peak of Ru reduction at
higher temperature side, indicating a more poorly dispersed Ru phase. The
74

presence of large RuO2 in catalyst A3C2.5N1Rc was also detected by XRD. This
variation can explain the increase of NiO reduction temperatures, since H2 cannot
efficiently spillover from the large Ru particles.
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3.1.4.

SEM/EDX

Table 3.2 Summary of SEM/EDX detected catalyst compositions.
Catalyst

Ru (wt%)

Ni (wt%)

CeO2 (wt%)

A10C1Rnc

2.88

0.00

11.53

A10N1Rnc

3.85

10.89

0.00

A3C2.5N1Rnc

2.74

3.05

3.68

A3C2.5N1Rc

3.49

3.12

4.20

A3C10N1Rnc

2.79

11.34

3.37

A10C10N1Rnc

3.04

11.92

9.12

A3C2.5N1Rsg

0.00

3.40

1.91

S3C2.5N1Rsg

0.49

2.31

2.72

Table 3.2 summaries the contents of Ru, Ni and CeO2 in all catalysts
investigated in the present work detected by SEM/EDX. It can be observed that
Ru loadings in catalysts prepared by incipient wetness impregnation are higher
than the expectation values (1 wt%). Since Ru chloride (III) salt is easily hydrated,
it was dissolved in water and stored as an aqueous solution with a known
concentration in advance of catalyst preparation. The higher and variable Ru
loadings on the impregnated catalysts could be attributed to the uneven
distribution of Ru compounds in the solution, with the concentration increased
due to aging. The sol-gel catalysts, on the other hand, contain less Ru content than
expectation (1 wt%). This could be ascribed to the loss of Ru component in the
form of volatile RuO4 species formed during calcination. Moreover, although no
Ru is found over catalyst A3C2.5N1Rsg by EDX, the corresponding XRD pattern
suggests the existence of large RuO2 particles over its surface. Hence, this
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discrepancy should also be attributed to unevenly distributed and poorly dispersed
phase of Ru on catalyst A3C2.5N1Rsg surface. Therefore, the loading of Ru,
which aggregated on a few particles, could be underestimated by taking average
from large amount of catalyst particles. Likewise, the variation of Ni and ceria
contents on SG-catalysts could be assigned to overestimation or underestimation
due to heterogeneous distributions of Ni and ceria species over catalyst surfaces.
By contrast, the deviations between EDX determined and expectation Ni and ceria
loadings are more consistent on the impregnated catalysts.
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3.2. Activity test
3.2.1.

n-propanol

Several series of experiments were conducted at 500 °C in order to
investigate the effect of support nature, synthesis method, Ru precursor
calcination and ceria and Ni loadings on the activity and stability of catalysts for
steam reforming of n-propanol. Catalysts exhibiting best performance during this
screening would be applied for further investigations. The conversion of
n-propanol and the yields of gaseous products as a function of reaction time are
shown for all catalysts studied in Fig. 3.4 – 3.11.

Figure 3.4 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A3C2.5N1Rsg at 500 °C with an
S/C ratio of 4. Selectivity to hydrogen and propene is depicted in the inset graph.
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Figure 3.5 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst S3C2.5N1Rsg at 500 °C with an
S/C ratio of 4. Selectivity to products of interest is depicted in the inset graphs.

Figure 3.6 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A3C2.5N1Rc at 500 °C with an
S/C ratio of 4.
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Figure 3.7 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A3C2.5N1Rnc at 500 °C with an
S/C ratio of 4.

Figure 3.8 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A10N1Rnc at 500 °C with an
S/C ratio of 4.
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Figure 3.9 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A3C10N1Rnc at 500 °C with an
S/C ratio of 4.

Figure 3.10 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A10C10N1Rnc at 500 °C with
an S/C ratio of 4.
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Figure 3.11 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalyst A10C1Rnc at 500 °C with an
S/C ratio of 4.

Before comparing the performance of catalysts, it should be useful to briefly
describe the bi-functional mechanism for steam reforming of hydrocarbons over
supported catalysts again. The hydrocarbon molecules are adsorbed and activated
by dissociative chemisorption over metal sites, forming surface carbon-containing
fragments, while the water molecules are activated by dissociation on support
sites, generating surface hydroxyl groups. The surface hydroxyl groups are then
transported to metal particles, reacting with carbon-containing fragments and
eventually releasing H2 and carbon oxides. This mechanism also accommodates
the steam reforming of alcohol which is the subject of the present discussion.
According to Bion et al.93, depending upon the metal sites and the acid/base sites
of support, numerous reactions can take place during alcohol steam reforming.
Generally, dehydration is favored on acidic sites resulting in the formation of
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alkenes while, on basic or metal sites, dehydrogenation which leads to the
formation of hydrogen and aldehydes is preferred.
Alumina has been reported as an acidic support by many authors.44,94 As for
silica, though it is chemically more inert than alumina, its surface acidity was also
observed in the study of Davda et al.95 in which dehydration of ethylene glycol
due to acidity of silica was reported during aqueous-phase reforming. This should
be ascribed to the weakly acidic silanol groups covering the silica surface.94,95
Both alumina and silica are irreducible oxides. On the other hand, ceria is a well
known reducible support which possesses superior redox properties due to fast
conversion between Ce4+-Ce3+ associated with surface oxygen vacancies.96,97 The
dissociative adsorption of steam over reduced ceria can directly produce hydrogen
and oxidize Ce2O3 species to CeO2.98 Diagne et al. reported the surface basicity
of ceria measured by CO2 chemisorption.99,100 This should be attributed to the
oxygen of CeO2 which can donate electrons to adsorbate as a Lewis base. Several
research groups reported the observation of acetaldehyde as an important
intermediate during ethanol steam reforming over ceria supported catalysts, and
moreover, the formation of acetone was also detected. 101,38 Acetone was the
product of aldol condensation of acetaldehyde.38 In the presence of water,
secondary reactions of acetone could take place, contributing to more CO2 and
H2.93

The carbon containing intermediates could be involved in subsequent

cracking, dehydrogenation and decarboxylation to produce H2, C1- and
C2-products due to strong capacity of active metals in breaking O-H, -CH2-, C-C
and –CH3 bonds.
In the present experiments, catalysts prepared consisted of active species Ru
and/ or Ni supported on ceria-promoted alumina or silica, which, according to the
above information, should possess both acidic and basic sites over the surface of
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support. The reaction scheme for n-propanol steam reforming on these catalysts
will be proposed later based on their product distributions.
3.2.1.1. Effect of support
Fig. 3.4 and 3.5 show the conversion of n-propanol and the yield of gaseous
products over catalysts A3C2.5N1Rsg and S3C2.5N1Rsg during n-propanol steam
reforming at 500 °C. Over the A3C2.5N1Rsg catalyst (Fig. 3.4), n-propanol
conversion shows a wide variation over reaction time around an average of 85 %,
starting at 70.5 % and ending at 99.6 %. The only major gaseous product
witnessed was propene with a yield above 69 % throughout the test. The yields of
ethene, ethane and propane were all below 1.5 % and that of H2, CO2 and CO
gradually decreased with time on stream from 4.6, 3.3 and 1.1 % to 3.7, 3.1 and
0.8 %, respectively. The inset of Fig. 3.4 depicts the selectivity to H2 and C3H6.
The high selectivity towards propene and low selectivity to H2 indicates that
n-propanol dehydration (eq. 3.1) over acidic alumina support predominated and
the A3C2.5N1Rsg catalyst possesses poor activity in steam reforming (eq. 1.13).
C3H7OH → C3H6 + H2O

( 3.1 )

However, in Guggilla et al.’s study,58 catalyst with similar chemical
components and synthesized also by sol-gel method, which was denoted as
1R2.5N3CA, showed enhanced surface basicity.57 The discrepancy that catalyst
A3C2.5N1Rsg prepared in the present work was highly acidic should be ascribed
to relatively poor dispersions of Ru as suggested by the EDX and XRD analyses.
In contrast, no diffraction lines associating with Ru was detected in catalyst
1R2.5N3CA from Guggilla et al.’s research, indicating better Ru dispersion. Thus,
acidic sites on alumina surface in the A3C2.5N1Rsg catalyst were not sufficiently
covered by active species. Nevertheless, the correlated evolutions of H2 and CO in
Fig. 3.4 reveal the occurrence of n-propanol partial steam reforming (eq. 3.2).
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C3H7OH + 2 H2O → 3 CO + 6 H2

( 3.2 )

Lower CO yield in comparison to H2 yield should be attributed to simultaneous
WGS reaction (eq. 1.2). Other minor products could be derived from n-propanol
thermal decomposition, hydrogenation and dehydrogenation catalyzed by
different active sites, which will be discussed later.
In the presence of S3C2.5N1Rsg (Fig. 3.5), the conversion of n-propanol
decreased from the initial value 57.6 to 28.6 % gradually with 265 min-on-stream
and increased back to 35 % at 285 min-on stream. Hydrogen, carbon oxides,
methane, ethene, ethane and propene were observed throughout the experiment
while propane was only detected at 285 min-on-stream. The H2 yield dropped
drastically from of 55.3 to 28.2 % in the first 45 min and continuously decreased
to 18.3 % with time on stream. The yield of CO followed the same trend, showing
a quick decay from 27.2 to 8.6 % during the first 45 min and then gradually
diminishing to 2.4 %. Methane and ethane yields decreased from 3.7 and 7.1 % to
0.3 and 1.7 %, respectively, over the reaction time. The yields of CO2 and C2H4
were relatively stable around 12 and 5 %, respectively, and fluctuated in a similar
pattern. A sharp increase in propene yield from 0.6 to 7.9 % in the first 25 min
was observed, followed by a much more graduate rise to 14.8 % with time on
stream. Propane yield was 0.6 % at 285 min-on-stream.
Comparing to the performance of A3C2.5N1Rsg catalyst depicted in Fig. 3.4,
higher H2, C1- and C2-products yields in Fig. 3.5 indicate the higher activity of
catalyst S3C2.5N1Rsg in hydrogen production and C-C bond rupture. This
enhancement should be attributed to smaller Ru particles providing higher active
metal surface over chemically more inert silica as revealed by its diffraction
pattern, which showed broader RuO2 peaks comparing to that in the XRD pattern
of alumina-based catalyst. The SEM/EDX data corroborates the better dispersed
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Ru phase over the catalyst S3C2.5N1Rsg surface since higher amount of Ru
component was detected due to more uniform distribution of Ru over all catalyst
particles sampled comparing to that on the A3C2.5N1Rsg catalyst particles.
Although the diffraction pattern of catalyst S3C2.5N1Rsg implied the existence of
larger NiO crystallites than that contained in the A3C2.5N1Rsg catalyst, the better
dispersed Ru on silica might assist the reduction of Ni component by H2 spillover
during the activation step, at which catalysts were reduced under a H2/Ar flow at
400 °C for 30 min before reaction as stated in the experimental chapter. The
higher amount of metallic Ni sites generated in the S3C2.5N1Rsg catalyst
promoted the C-C bond breakage and H2 production more effectively.

The lack

of Ni activation due to poor Ru dispersion over the surface of catalyst
A3C2.5N1Rsg might also contribute to n-propanol dehydration being the
predominant reaction since active metal sites for reactions such as hydrogenation
and steam reforming are not present. Unfortunately, the greatly improved
hydrogen yield over catalyst S3C2.5N1Rsg decreased dramatically in the first 45
min along with a significant increment of propene yield. The selectivity of catalyst
S3C2.5N1Rsg to H2 and C3H6 over reaction time is presented in the inset graph of
Fig. 3.5, which more clearly demonstrates the quick deactivation of catalyst
S3C2.5N1Rsg in H2 production and the rising importance of acidic sites on silica.
This deactivation should be mainly ascribed to carbon deposition on the metal
sites.
The inset of Fig. 3.5 shows the selectivity to CO2 and CO as a function of
time on catalyst S3C2.5N1Rsg as well. Note that H2 selectivity is defined as the
moles of H2 present in the reformate normalized by the number of moles of H2
that could be produced if each mole of carbon in the reformate had participated in
n-propanol steam reforming to CO2 (eq. 1.13) to give 3 moles of H2, calculated
86

simply by dividing H2 yield over n-propanol conversion. The selectivity of carbon
containing products is defined as the moles of carbon in each gaseous product
normalized by the total moles of carbon in the effluent gas and can be obtained by
dividing the yield of corresponding product by the conversion. Hence, if
n-propanol was the only primary reactant and equations 3.2 and 1.2 are the only
reaction pathways contributing to H2, CO2 and CO formation, a high correlation
among variations of H2, CO2 and CO selectivity with time on stream should be
observed. However, according to the inset of Fig. 3.5, after 5 min-on-stream when
the steady state was achieved, their evolutions were dissimilar.

H2 selectivity

was stable but showed a drop at 285 min-on-stream, while selectivity to CO2
slightly increased over reaction time and that to CO continuously decreased to
half of the value at 5 min-on-stream. Therefore, other reaction pathways leading
to the H2 and CO2 formations are implied.
Based on the formation of propene, catalyst S3C2.5N1Rsg, which is
composed of active species Ru and Ni and ceria-promoted silica substrate, should
contain all acidic, basic and metal sites. Hence, the following reactions are
proposed occurring during n-propanol steam reforming over the S3C2.5N1Rsg
catalyst according to the product distribution. Firstly, n-propanol dehydrogenated
to form H2 and propionaldehyde which promoted by the basic sites of ceria as
shown in eq. 3.3:
C3H7OH → C3H6O + H2

( 3.3 )

The formed propionaldehyde then decomposed to produce C2H6 and CO with C-C
bond rupture catalyzed by metallic Ni and Ru sites102 or participated in aldol
condensation to form ketone, CO and H2 possibly induced by ceria93, as
represented in eq. 3.4 and 3.5 respectively:
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C3H6O → C2H6 + CO

( 3.4 )

2 C3H6O → C5H10CO + CO + H2

( 3.5 )

Intermediate ketone could participated in subsequent hydrogenolysis and
decarbonylation reactions similar to the case of acetone reported by Song et al.. 38
Moreover, it has been reported that WGS reaction (eq 1.2) could be enhanced in a
ceria-mediated redox process,99,100 which can be simplified as that ceria surface
reduced by CO giving rise to the formation of CO2 and then re-oxidized by steam
producing more H2, shown in eq. 3.6 and 3.7:
CO + CeO2 → CO2 + Ce2O3

( 3.6 )

Ce2O3 + H2O →CeO2 + H2

( 3.7 )

Simultaneously, on the acidic sites, n-propanol went through dehydration (eq. 3.1),
resulting in the formation of propene. Though dehydrogenation is mainly
promoted

on

basic

sites,

acetaldehyde

still

can

be

generated

over

alumina-supported Ni catalyst as witnessed by Sanchez-Sanchez et al.36 during
ethanol steam reforming at 400 °C. They attributed the formation of acetaldehyde
to ethanol thermal decomposition, which then reacted with surface hydroxyl
groups over alumina, forming surface acetate species (CH3COO-). Similarly,
reactions might also occur on the acidic sites of silica substrate in catalyst
S3C2.5N1Rsg and generate surface propionate species as shown in eq. 3.8:
C3H6O + -OH → C2H5COO- + H2

( 3.8 )

Intermediates ketone from eq. 3.5 and surface propionate from eq. 3.8 could
undergo subsequent decomposition reactions and produce corresponding surface
propionate (C2H5COO-) and ethoxy (CH3CH2O-) groups plus H2 over basic and/
or metallic sites (eq. 3.9) or surface ethyl species (-CH2CH3) and CO2 catalyzed
by acidic sites (eq. 3.10), respectively:
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C5H10CO + 2 H2O → C2H5COO- + CH3CH2O- + 2 H2

( 3.9 )

C2H5COO- → -C2H5 + CO2

( 3.10 )

Ethoxy (CH3CH2O-) groups generated in eq. 3.9 has been reported by Raskó et
al. 103 as the primary activation form of ethanol during steam reforming. At
elevated temperatures and in the presence of dissociative adsorbed water
molecules, the surface ethoxy groups could participate in further oxidation
reactions, namely dehydrogenation and decomposition, and eventually be
converted into acetate species on the support or H2 and carbon oxides as gaseous
products. Since Ni is active in C-H bond breaking, dehydrogenation of surface
ethyl species occurred as shown in eq. 3.11, contributing to the ethene yield:
2 -C2H5 → 2 C2H4 + H2

( 3.11 )

Further dehydrogenation might result in coke formation according to
Sanchez-Sanchez et al.36 Furthermore, Ru has been reported to be highly active in
CO hydrogenation,104 hence methane, ethane and propane could be produced via
methanation and Fischer-Tropsch and hydrogenation reactions (eq. 1.9, 1.10, 3.12
and 3.13):
C2H4 + H2 → C2H6

( 3.12 )

C3H6 + H2 → C3H8

( 3.13 )

Moreover, n-propanol decomposition (eq. 3.14) might occur at elevated
temperature as well:
C3H7OH → 2 CH4 + CO

( 3.14 )

To sum up, during n-propanol steam reforming over catalyst S3C2.5N1Rsg,
both dehydration and dehydrogenation took place. The former reaction mainly
induced by acidic sites of the ceria-silica substrate to generate propene whereas
the later one occurred at basic ceria sites and over active metal sites to produce
propanal. Though propanal was not monitored in this work, it was observed as a
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gaseous product during n-propanol steam reforming over catalyst Ni/MgAl2O4 at
temperatures below 600 °C reported by Trane-Restrup et al.105. The intermediate
propanal then participated in various reactions over Ni and Ru sites with C-C and
C-H bonds breaking or over ceria-silica substrate for oxygen relating reactions.
This reaction scheme should be applicable to catalyst A3C2.5N1Rsg and other Ru
mono-metallic or Ru-Ni bi-metallic ceria-promoted alumina supported catalysts
investigated in this work as well, since theoretically all metallic, acidic and basic
sites should coexist on the surfaces of these catalysts. The lower selectivity to
propene and higher H2 selectivity on catalyst S3C2.5N1Rsg indicate its lower
surface acidity and higher steam reforming activity in comparison to that of
catalyst A3C2.5N1Rsg. Rapid deactivation in the first 45 min was probably
caused by coke deposition. The product distribution suggested that reactions
represented by eq. 3.3 – 3.7 promoted by ceria occur to some extent. Hence, aside
from better Ru dispersion, more active ceria surface should also be contributive to
the improved activity of catalyst S3C2.5N1Rsg in H2 production compared to that
of catalyst A3C2.5N1Rsg. However, the n-propanol conversion indicates that the
catalytic activity of catalyst S3C2.5N1Rsg was rather low.
In conclusion, the activity of catalysts prepared by sol-gel method in
n-propanol steam reforming depends strongly upon the nature of substrate.
Though the A3C2.5N1Rsg catalyst nearly achieved full conversion of n-propanol,
it preferred dehydration to steam reforming mainly due to the lack of active
metallic sites and the highly acidic support surface. On the other hand, catalyst
S3C2.5N1Rsg was less active in n-propanol conversion but promoted H2
production over dehydration. The enhancement in H2 production of catalyst
S3C2.5N1Rsg should be ascribed to better dispersion of Ru species over
chemically more inert silica and the additional steam reforming activity over ceria
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surface, both resulting in the reduction of surface acidity of support. However,
quick deactivation of metal sites for C-C bond rupture was observed over the
S3C2.5N1Rsg catalyst.
3.2.1.2. Effect of synthesis method
Effect of preparation method on activity in n-propanol steam reforming is
investigated over three catalysts synthesized by different steps while with
nominally identical chemical composition of 1 wt% Ru and 2.5 wt% Ni supported
on 3 wt% ceria-promoted alumina support. Catalysts studied in this section
include the previously discussed A3C2.5N1Rsg catalyst, which was synthesized
by sol-gel method, and the other two catalysts prepared by incipient wetness
impregnation. Normally, after introducing the solution containing metal
precursors to the support by impregnation to incipient wetness, the as-prepared
catalyst will be dried to eliminate the solvent and then calcined at high
temperature before the activation step in order to convert metal precursor to oxide
prior to reduction to the metal. However, calcination of ruthenium precursor has
been reported to result in poor dispersion due to RuO2 growth mediated by
volatile RuO4 species. Whereas calcination to eliminate the organic species is
necessary for sol-gel preparation, this step can be skipped for preparation by
impregnation. Hence, two types of impregnated catalysts were prepared: catalysts
with Ru precursor calcined, denoted with “c”, and those without Ru calcination,
named with “nc”. Accordingly, the two impregnated catalysts of interest in this
section are the A3C2.5N1Rc catalyst and its counterpart A3C2.5N1Rnc catalyst.
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Figure 3.12 The CO2/CO product ratios derived over catalysts A3C2.5N1Rsg,
A3C2.5N1Rc and A3C2.5N1Rnc at 500 °C.

Figure 3.6 depicts the reactant conversion and product distribution for
n-propanol SR over catalyst A3C2.5N1Rc. Propene, H2, CO2 and methane are the
major gaseous products. Hydrogen and CO2 yields decreased gradually from 22.5
and 16.5 % to 14.6 and 11.8 % with time on stream, respectively, with the yield of
propene concomitantly increasing from 64.3 to 71.0 %. The CO yield was
negligible, decreasing from 0.3 to 0.1 %. Methane yield was initially at 11.0 %
which then dropped to 6.6 % at 60 min-on-stream and gradually decreased to
3.7 % thereafter. The yields of other by-products, namely ethene, ethane and
propane, were lower than 0.5 %. The highest conversion was the initial value of
92.6 % at 30 min which then declined to 87.4 % with 90 min-on-stream and
stayed around 87.5 % over reaction time.
The A3C2.5N1Rnc catalyst (Fig. 3.7) exhibits a similar but more fluctuating
pattern with the yields of H2, CO2 and CO decreasing from 41.3, 42.6 and 10.1 %
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to 31.7, 32.8 and 3.16 %, respectively, over reaction time, with a peak at 120
min-on-stream. The CH4 yield was initially at 20.2 % and diminished to 10.4 % as
a function of reaction time while ethane and ethene were yielded around 2 and
3 %, respectively. The yield of propene climbed from 22.1 to 44.4 % with time on
stream, showing a dip to 22.9 % at 150 min-on-stream accompanied by peaks
appearing in evolutions of methane, ethene and ethane yields at the same time.
Propane was not found over this catalyst. Total conversion decreased from 100.6
to 88.5 % at 180 min-on-stream after which it increased back to 94.6 %.
Conversion exceeding 100 % should be ascribed to system error; nevertheless, it
can provide qualitative information concerning the catalytic activity in n-propanol
conversion.
By comparing Fig. 3.4, 3.6 and 3.7, it can be observed that, though the
conversions of n-propanol over these three catalysts are comparable, the yields of
hydrogen, C1- and C2-products all follow the order: A3C2.5N1Rnc >
A3C2.5N1Rc > A3C2.5N1Rsg while the reversed rank goes to propene yield.
These results indicate that, relative to the sol-gel catalyst A3C2.5N1Rsg,
impregnated catalysts A3C2.5N1Rc and A3C2.5N1Rnc show less surface acidity
and are more active in C-C bond breakage and H2 production. Therefore, larger
amount of active Ru and Ni sites are implied existing over the surfaces of
impregnated catalysts. Hence, it can be safely concluded that active components
introduced by impregnation covered the alumina surface better and the surface
acidity of impregnated catalysts was reduced more effectively, which suppressed
the dehydration of n-propanol, while the surface of catalyst prepared by the
sol-gel method used in the present research was dominated by acidic alumina sites.
With sol-gel method, one aims to produce uniform mixing of the components to
maximize contact of the components so that any benefit in having the different
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catalytic components in close contact can be maximized. Then inevitably the
metals and ceria is distributed in the bulk as well as on the surface, resulting in a
lower surface concentration compared to impregnated catalysts. In addition, as
observed from BET data, the A3C2.5N1Rsg catalyst had larger surface area than
that of the impregnated catalysts, which supplied more acidic alumina sites for
n-propanol dehydration and, therefore, the conversion of n-propanol was the
highest and relatively stable but yield of hydrogen was poor.
Between the two impregnated catalysts, according to their XRD patterns (Fig.
3.1d and 3.1e), the improved performance of catalyst A3C2.5N1Rnc in n-propanol
reforming over its Ru-calcined counterpart A3C2.5N1Rc should partly be
attributed to its well dispersed Ru phase. Though the SEM/EDX determined
composition of A3C2.5N1Rc catalyst presents higher Ru content than that on
catalyst A3C10N1Rnc, the corresponding XRD patterns demonstrate that Ru
species exist in larger crystalline forms after calcination, since peaks of RuO2
appeared in the diffraction pattern of catalyst A3C2.5N1Rc while no Ru relating
diffractions were observed in that of catalyst A3C2.5N1Rnc. The corresponding
TPR profiles (Fig. 3.3d and 3.3e) corroborate the existence of better dispersed Ru
species in the A3C2.5N1Rnc catalyst as discussed in section 3.1.3.4. Furthermore,
these profiles reveal that Ni species are more reducible without additional
calcination for converting Ru precursor to RuO2. As a result, the A3C2.5N1Rnc
catalyst should be relatively richer in Ru and Ni sites after the pre-reduction step
comparing to the A3C2.5N1Rc catalyst and hence possess higher catalytic activity
in steam reforming. Unfortunately, the good CO hydrogenation activity of Ru
resulted in higher yields of hydrogen-competing by-products, namely methane,
ethene and ethane. Consequently, as can be seen in Fig. 3.7, the H2 yield over
catalyst A3C2.5N1Rnc was lower than that of CO2. Likewise, the higher amount
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of active metal sites over catalyst A3C2.5N1Rc comparing to that on the
A3C2.5N1Rsg catalyst, as suggested by more C-C bond rupture, should be
accountable for higher methane yield.
Interestingly, as depicted in Fig. 3.12, catalyst A3C2.5N1Rc surprisingly
shows highest CO2/CO product ratio, followed by catalyst A3C2.5N1Rc and lastly
the A3C2.5N1Rsg catalyst. According to eq. 1.2, higher CO2/CO ratio indicates
higher activity in WGS reaction which, based on the composition of catalysts
investigated in the present work, should be promoted by Ru and/ or ceria. Thus,
the lowest CO2/CO ratio of catalyst A3C2.5N1Rsg suggests poor activity of both
Ru and ceria while the best Ru dispersion in the A3C2.5N1Rnc catalyst improved
the selectivity to CO2. As for catalyst A3C2.5N1Rc, considering the less Ru sites
contained in it comparing to that in the A3C2.5N1Rnc catalyst, its low CO yield
cannot be explained by enhanced WGS. The low CO yield probably is due to
activity for steam reforming and CO hydrogenation being affected by ruthenium
particle size in different manner. The methanation reaction occurs exclusively on
the metal surface and is expected to be less diminished by increase in Ru particles
size. A higher proportion of the CO produced by the first step of steam reforming
could have been removed as methane.
According to the above discussion, it can be summarized that the dispersion
of active components over support surface is more effective by incipient wetness
impregnation than by the sol-gel method used in this work, giving rise to more
effective reduction in surface acidity and thus improved activity in steam
reforming. Owing to better dispersed Ru and enhanced NiO reducibility, the
impregnated catalyst A3C2.5N1Rnc prepared without Ru precursor calcination
has the best performance in H2 production. However, the activity of catalyst
A3C2.5N1Rnc in further reforming of hydrogen-competing C1- and C2-products
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is insufficient, which should be ascribed to low Ni loading, resulting in reduced
H2 yield. Deactivation in n-propanol steam reforming and the concurrently
increasing activity in dehydration can be observed over all three catalysts which
should be ascribed to the coke deposition on metal sites. Due to the highest
activity of catalyst A3C2.5N1Rnc in n-propanol steam reforming, unless
otherwise stated, catalysts used for further investigations were all prepared by
incipient wetness impregnation without the calcination of Ru precursor.
3.2.1.3. Effect of ceria loading
Since it is shown from the previous sections that the activity of catalysts in
n-propanol steam reforming at 500 °C is obviously influenced by surface
acid/base properties of support, the effect of ceria loading in n-propanol steam
reforming by tailoring the support acidity is investigated. Performances of three
catalysts, all loaded with 1 wt% Ru and 10 wt% Ni but on different ceria-alumina
supports, namely A10N1Rnc, A3C10N1Rnc and A10N10C1Rnc, are shown in Fig.
3.8, 3.9 and 3.10, respectively. Ceria content varied from 0 to 3 to 10 wt%. It
should be noted that conversions depicted in Fig. 3.9 and 3.10 exceeded 100 %
due to systematic error, thus no quantitative but qualitative information could be
provided by the corresponding data, that is, the rank of activity in converting
n-propanol to gaseous products following the order: A10C10N1Rnc >
A3C10N1Rnc > A10N1Rnc, consistent with the variation in ceria loading.
In catalyst A10N1Rnc, the active species Ni and Ru were supported on
alumina without ceria promotion. As can be seen in Fig. 3.8, the steady state was
achieved after 80 min-on-stream with H2, CO2, CO and methane being the major
gaseous products, yielding at around 50, 64, 17 and 11 %, respectively. However,
after 160 min of time on stream, traces of ethene and ethane and average 2.5 %
yield of propene were also detected. Comparing to those ceria-promoted but with
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lower Ni loading catalysts discussed in the previous sections, it can be observed
that, even without ceria, the A10N1Rnc catalyst possesses higher capability in
breaking C-C bonds, indicated by much lower C2- and C3-products yields,
suggesting that Ni is the crucial component for effective reforming of n-propanol.
However, some extent of Ni sites deactivation is implied by the appearance of
propene, since the less the activity in C-C bond rupture the more the n-propanol
dehydration on acidic alumina sites will be preferred by the catalyst. According to
Fig. 3.2c, sintering of metallic Ni particles after in-situ reduction is observed and
should be partly attributed to the declined activity in C-C bond cleavage.
Concerning the fact that ethene and propene are coke precursors, carbon
deposition on the metal sites should also be accountable for Ni deactivation.
Therefore, the slightly increased CO2 and H2 yields with the concomitant
depletion of CO yield after 216 min-on-stream should be contributed by the WGS
reaction promoted over Ru sites as they were more resistant to coke formation.
The lower H2 yield relative to that of CO2 should also be ascribed to the active Ru
sites, since hydrogen would be consumed by methanation (eq. 1.9).
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Figure 3.13 The CO2/ (CO+CH4) product ratios derived over catalysts
A3C10N1RNC and A10C10N1Rnc during n-propanol steam reforming at 500 °C.

As for catalysts A3C10N1Rnc (Fig. 3.9) and A10C10N1Rnc (Fig. 3.10), only
hydrogen, carbon oxides and methane were detected as gas products. Formations
of hydrogen-competing C2- and C3-products were eliminated over both catalysts
with ceria addition throughout the tests. In comparison to the product distribution
from the A10N1Rnc catalyst, with the addition of 3 wt% ceria, the yields of H2,
CO2 and CO over catalyst A3C10N1Rnc increased to around 63, 70 and 23%,
respectively. Though methane yield decreased from 16.6 to 13.0 % with time on
stream, it was still higher than that over catalyst A10N1Rnc. The increment in all
gases yields shows the promotional effect of ceria on catalytic activity of sample
A3C10N1Rnc in reforming n-propanol to H2 and C1-gases. On catalyst
A10C10N1Rnc, average H2, CO2 and CO and methane yields were 63.8, 75.9,
20.8 and 14.3 %, respectively. Comparing to the performance of catalyst
A3C10N1Rnc, it can be observed that further increasing the ceria content from 3
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to 10 wt% brought little improvement in H2 production. Nevertheless, the product
ratio of CO2 to other C1-gases over the A10C10N1Rnc catalyst was higher than
that on catalyst A3C10N1Rnc, as presented in Fig. 3.13.
The above observations indicate the existence of larger and stable amount of
active metal sites for C-C bond breakage in the A3C10N1Rnc and A10C10N1Rnc
catalysts comparing to that in catalyst A10N1Rnc. This is in agreement with the
corresponding TPR profiles (Fig. 3.3c, 3.3f and 3.3g) which suggest that the
reducibility of NiO was enhanced with increasing ceria content by reducing the
proportion of Ni species which strongly interacted with alumina. Although the
in-situ XRD patterns of catalysts A3C10N1Rnc (Fig. 3.2f) and A10C10N1Rnc
(Fig. 3.2g) showed that only partial reduction of NiO could be achieved at a
regular 30 min activation step before reaction due to larger crystalline particles, it
has been tested that, with an additional 10 min reduction, NiO over the surface of
catalyst A10C10N1Rnc could be fully reduced. Hence, at the reaction condition,
reduction

of

NiO

species

remaining

on

catalysts

A3C10N1Rnc

and

A10C10N1Rnc should take place as well and provide more metallic Ni sites
contributing to their relatively stable performances. In addition, the improved
stability of metallic Ni sites might also be attributed to the promoted coke
gasification assisted by Ru and ceria sites. Owing to the redox properties of ceria,
the tendency of catalysts to fully oxidize other C1-products to CO2 increased with
increasing ceria loading. The absence of C3-products indicated the sufficient
reduction of alumina acidity. It should also be noted that among these three
catalysts, only the A10N1Rnc catalyst exhibits increasing H2 yield after 230
min-on-stream, which is in consistence with the SEM/EDX detected compositions,
revealing the fact that the higher the amount and the more homogeneous the
distribution of coke-resistant active Ru species over catalyst surface, the more
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stable the catalyst in activity for n-propanol steam reforming.
To sum up, the addition of ceria has positive effect on the activity and
stability of catalyst in n-propanol steam reforming at 500 °C, by reducing the
alumina acidity, enhancing the reducibility of Ni species and promoting the WGS
reaction.
3.2.1.4. Effect of Ni loading
Earlier tests conducted on catalysts with 10 wt% Ni loading revealed their
significantly higher activity in n-propanol steam reforming at 500 °C in spite of
the nature of supports comparing to those loaded with only 2.5 wt% Ni, indicating
the decisive influence of Ni on steam reforming process since metallic Ni sites are
highly capable of O-H, -CH2-, -C-C- and –CH3 bonds breaking which allows the
dissociative activation of n-propanol molecules. As can be seen by comparing the
activity of catalyst A3C10N1Rnc (Fig. 3.9) to that of catalyst A3C2.5N1Rnc (Fig.
3.7), the selectivity to C1-products was greatly improved by increasing Ni content
from 2.5 to 10 wt%. To throw light upon the effect of Ni component on product
distribution clearer, n-propanol steam reforming over the monometallic Ru-based
catalyst supported on (10 wt% ceria)-alumina was carried out at 500 °C.
Performance of the A10C1Rnc catalyst in terms of the yields of gaseous
products and n-propanol conversion are presented in Fig. 3.11. Accordingly, the
product gas was composed of H2, CO2, CO and methane with yields at around 57,
68, 20 and 19 %, respectively. With time on stream, opposed to the steady H2
yield, the yields of CO2 and CO slightly increased while that of CH4 decreased
very slightly. Conversion was stable at around 107 %. The results indicate that
catalyst A10C1Rnc already possesses high n-propanol steam reforming activity
without Ni loading. The only hydrogen-competing by-product obtained was
methane, formed probably from methanation (eq. 1.9 - 1.10) or n-propanol
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decomposition (eq. 3.14).
Comparing Fig. 3.11 and Fig. 3.10, it can be observed that, with the help of
Ni, n-propanol conversion to gaseous products increased and so did the yields of
H2 and CO2. The reduced amount of methane in Fig. 3.10 suggests that the
enhanced activity of catalyst A10C10N1Rnc in comparison to that of catalyst
A10C1Rnc should be attributed to the promoted methane steam reforming.
However, it should also be aware that catalyst A10C1Rnc was more stable than
the A10C10N1Rnc catalyst regarding the hydrogen yield, possibly due to the
carbon deposition which was more severe on Ni particles.
In conclusion, activity of catalysts in n-propanol steam reforming improved
with increasing Ni content owing to the enhanced capability in C-C bond rupture
and the steam reforming of methane, although deactivation over Ni containing
catalysts is noticeable when compared to the performance on mono-metallic Ru
catalyst, probably ascribed to higher amount of coke deposited on Ni sites.
3.2.1.5. Catalytic steam reforming of n-propanol at 450 °C
Among the catalysts tested so far at 500 °C, the A10C10N1Rnc catalyst
showed the best performance for n-propanol conversion to H2 and CO2, because
of the presence of larger amount of Ni sites and the less acidic A10C redox
support. The bimetallic alumina supported catalyst A10N1Rnc and the
monometallic Ru-based A10C supporting catalyst A10C1Rnc also presented
remarkably high selectivity to C1-products. Their activities in n-propanol steam
reforming were further investigated at 450 °C.
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3.2.1.5.1. Effect of Ni and ceria loadings

Figure 3.14 The evolution of n-propanol conversion and product distribution
during n-propanol steam reforming over catalysts (A) A10C1Rnc, (B) A10N1Rnc
and (C) A10C10N1Rnc at 450 °C with a S/C ratio of 4.

The performances of aforementioned three catalysts, i.e. catalysts A10C1Rnc,
A10N1Rnc and A10C10N1Rnc, in n-propanol steam reforming at 450 °C are
presented in Fig. 3.14. On catalyst A10C1Rnc (Fig. 3.14A), the product gas was
composed of H2, CO2, CO, ethene, ethane and propene. The yields of H2, CO2,
CO and propene decreased from their initial values 30.6, 31.5, 10.8 and 32.9 % to
27.4, 28.0, 9.7 and 26.7 %, respectively, with time on stream. The ethene and
ethane yields were relatively stable at 4.6 and 9.3 %, correspondingly. No
methane and propane were formed during the test. Conversion of n-propanol over
catalyst A10C1Rnc declined significantly from 89.0 to 77.9 % in 240 min. Results
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from the experiment conducted over catalyst A10N1Rnc at 450 °C (Fig. 3.14B)
indicate the production of H2, CO2, CO, methane, ethene, ethane and propene.
Except the yields of ethene and propene, the concurrent reductions of H 2, CO2,
CO, methane and ethane yields can be observed with time on stream, from 42.4,
54.5, 16.6, 8.7 and 2.0 % to 38.2, 49.2, 11.3, 7.3 and 1.0 %, respectively. By
contrast, ethene and propene yields shifted from 0.6 and 5.5 % up to 0.7 and
20.0 %, respectively, after 240 min-on-stream. The n-propanol conversion
remained constant at around 88.7 % throughout the test. As can be seen in Fig.
3.14C, the only major gaseous products generated on catalyst A10C10N1Rnc
during steam reforming of n-propanol at 450 °C were H2, CO2, CO and methane.
H2 yield was stable at 45.2 %. The initial yields of CO2, CO and methane at 60.1,
19.5 and 22.8 % increased slightly to 61.6, 22.6 and 23.9 %, respectively, with
time on stream. Negligible amount of ethene was also detected at around 0.3 %
yield. No formations of other C2- and C3-gases were observed. Over the reaction
time, n-propanol conversion to gaseous products showed an increment from 102.6
to 108.4 %.
From Fig. 3.14, it can be observed that both the activity and stability of
catalyst A10C10N1Rnc in n-propanol steam reforming at 450 °C were
outstanding among the three catalysts investigated. Positive effects of Ni or ceria
can be observed by comparing the performance of either catalyst A10C1Rnc or
catalyst A10N1Rnc to that of the A10C10N1Rnc catalyst. Similar to the
observations at 500 °C, the addition of 10 wt% Ni greatly enhanced the capability
of catalyst in C-C bond rupture, as indicated by the higher selectivity to
C1-products the A10C10N1Rnc catalyst showed, whereas, by incorporating 10
wt% ceria onto alumina, catalyst surface acidity was effectively reduced, implied
by the absence of propene in the product gas of catalyst A10C10N1Rnc. Both
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modifications were beneficial to the H2 yield by reducing the formation of
hydrogen-competing by-products, as can be observed in Fig. 3.14 that H2 and
carbon oxides yields on catalyst A10C10N1Rnc were the highest. Furthermore,
the elimination of propene also contributed to the improved stability of catalyst
A10C10N1Rnc, since propene is a potential coke precursor. As mentioned in
earlier sections, enhanced catalytic stability should also be promoted by the redox
property of ceria surface, over which the gasification of carbon species is
promoted. In addition, the better performance of catalyst A10N1Rnc related to
that of catalyst A10C1Rnc might also be partly due to the higher Ru content
referred to the EDX data.
3.2.1.5.2. Effect of reaction temperature

Figure 3.15 Product distributions and total conversions from n-propanol steam
reforming at (A) 450 °C and (B) 500 °C with an S/C ratio of 4 over catalysts
A10C1Rnc, A10N1Rnc and A10C10N1Rnc collected after 240 min-on stream.
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The upper part (A) of Fig. 3.15 depicts the yields of gaseous products and the
n-propanol conversions over catalysts A10C1Rnc, A10N1Rnc and A10C10N1Rnc
collected after 240 min of reaction on stream at 450 °C and, for better comparison,
results from corresponding experiments at 500 °C obtained at similar time on
stream are presented in the lower panel (B) of Fig. 3.15. It can be easily observed
that lowering the reaction temperature from 500 °C to 450 °C caused the
reduction in H2 yield and n-propanol conversion on all three catalysts. The
reduction in conversion is least pronounced over catalyst A10C10N1Rnc, by a
depletion of only 1 % in value, following by catalyst A10N1Rnc, showing a
decrement of 5 % in value, and lastly the most effected catalyst A10C1Rnc with
its conversion dropping from 107 to 78 %. Variation in the distribution of gaseous
products over catalyst A10C10N1Rnc is the smallest as well, with H2 and CO2
yields decreasing and the methane yield increasing by 10 % in value while the
increments of CO and ethene yields are minor. Considering the thermodynamic
analyses, which suggest that the overall steam reforming reaction is endothermic
thus more preferred at higher temperature whereas methanation is favored at
lower temperature, changes on catalysts A10C10N1Rnc should be mainly
thermodynamically. The appearance of ethene at 450 °C which was not found at
500 °C, on the other hand, imply that C-C bond cleavage at 450C was not
sufficient at the lower temperature.
For catalyst A10N1Rnc, the yields of H2 and all C1-gases decreased with
temperature while increase in ethene, ethane and propene yields, especially in that
of propene, can be observed. The significant increment of propene yield, which is
specifically 17.8 % in value, indicates that the A10N1Rnc catalyst preferred
dehydration more at lower temperature.
The composition of product gas on catalyst A10C1Rnc underwent the most
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complicated evolution when the reaction temperature was lowered from 500 to
450 °C: methane disappeared with the concomitant addition of ethene, ethane and
propene in the reformate at the lower temperature. The missing of methane
formation at low reaction temperature is in agreement with Trane-Restrup et al.105.
They reported that methane was not formed during n-propanol steam reforming at
400 °C and suggested that n-propanol might be involved in sequential C-C bond
breakages starting from the one near the C-O bond. Therefore, methane
production was less favorable at lower reaction temperature since it needed
additional C-C bond scission. Accordingly, both the absence of methane and the
appearance of C2- and C3-products indicate the reduced capacity of catalyst
A10C1Rnc in C-C rupture at 450 °C. Moreover, the notably high yield of propene
reveals the domination of the facile dehydration reaction on acidic sites at lower
temperature. The smaller CO2/CO product ratio at 450 °C in comparison to that at
500 °C, which are 3.3 and 2.9, respectively, implies lower activity in WGS
process at lower temperature.
In conclusion, at both 450 and 500 °C among catalysts investigated, the
A10C10N1Rnc catalyst, loaded with 3.04 wt% Ru, 11.92 wt% Ni and 9.12 wt%
ceria, according to the EDX data, prepared by incipient wetness impregnation
without Ru precursor calcined and supported on alumina is most stable and active
in n-propanol steam reforming. The maximum of H2 yield was achieved at 500 °C
with a value of 65.4 %.
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3.2.2.

Glycerol

Catalysts A10N1Rnc, A10C1Rnc and A10C10N1Rnc, which showed
adequate activities in steam reforming of n-propanol at 500 °C, were chosen for
studying the glycerol steam reforming (eq. 1.17). Generally speaking, this reaction
starts with glycerol decomposition (eq. 3.15) and couples with WGS reaction (eq.
1.2).
C3H8O3 → 3 CO + 4 H2

( 3.15 )

A closer look at the reaction scheme for catalytic glycerol steam reforming has
been provide in Pompeo et al.’s research106, as presented in Fig. 3.16.

Figure 3.16 Reaction pathways for H2 production by steam reforming of
glycerol.106
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Accordingly, the reaction pathway (I) includes dehydration reaction and
gives rise to the final gas product consisting of H2, carbon oxides and methane,
whereas

pathway (II) only involves dehydrogenation and C-C bonds breaking to

produce H2 and CO. Other important side reactions are also proposed in the
literature107 during glycerol steam reforming, namely methanation reactions (eq.
3.16, 1,9 and 1.10), methane dry reforming (eq. 3.17), methane decomposition (eq.
1.5) and Boudouard reaction (eq. 1.4). The last two reactions account for carbon
deposition which will cause catalyst deactivation.
C3H8O3 + 5 H2 → 3 CH4 + 3 H2O

( 3.16 )

CO2 + CH4→ 2 CO + 2 H2

( 3.17 )

By comparing the performances of three selected catalysts at 500 °C, effects
of chemical composition on activity and stability of catalytic steam reforming of
glycerol were investigated. Experiment using the A10C10N1Rnc catalyst for
glycerol steam reforming at 450 °C was conducted to explore the influence of
reaction temperature. Reactant feed used in tests had a constant steam-to-carbon
ratio of 4.
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3.2.2.1. Effect of chemical composition

Figure 3.17 The evolution of glycerol conversion and product distribution during
glycerol steam reforming over catalysts A10N1Rnc at 500 °C with an S/C ratio of
4.
Figure 3.17, 3.18 and 3.19 depict the evolutions of glycerol conversion and
product distribution as a function of time of glycerol steam reforming at 500 °C
over catalysts A10N1Rnc, A10C1Rnc and A10C10N1Rnc, respectively. As can be
observed from Fig. 3.17, the A10N1Rnc catalyst shows stable glycerol steam
reforming activity in the first 100 min, with steady conversion and H2 and CO
yields at 100, 60 and 9.6 %, respectively, accompanying with slight decrease in
the yield of CO2 from 78.0 to 76.5 %. After 100 min-on-stream, catalyst
A10N1Rnc deactivated dramatically, having H2 yields decreased by a factor of 2
and showed even larger decrements in conversion and CO2 yield from 100.3 to
43.5 % and 76.5 to 32.9 %, respectively. The yield of CO diminished as well from
9.6 to 2.1 %. The steady state of CH4 yield lasted longer, keeping the value around
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13.5 % with 160 min-on-stream which then decreased to 8.1 % with time on
stream. Ethene and ethane appeared after 60 min-on-stream, yielded less than 0.7
and 0.2 %, respectively.

Figure 3.18 The evolution of glycerol conversion and product distribution during
glycerol steam reforming over catalysts A10C1Rnc at 500 °C with an S/C ratio of
4.

It can be seen in Fig. 3.18 that catalytic activity of sample A10C1Rnc in
glycerol steam reforming at 500 °C increased and reached maximum at the first
140 min of reaction, with respect to glycerol conversion and the yields of H2 and
carbon oxides, and then declined with time on stream. The highest values of H2,
CO2 and CO yields were 61.4, 79.3 and 17.8%, respectively. The increment of
methane yield was moderate in the first 140 min-on-stream but accelerated
thereafter with the yield rising from 7.2 to 15.9 %. After 110 min-on-stream,
traces of ethene and ethane appeared.
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Figure 3.19 The evolution of glycerol conversion and product distribution during
glycerol steam reforming over catalysts A10C10N1Rnc at 500 °C with an S/C
ratio of 4.

Figure 3.19 shows the deactivation of catalyst A10C10N1Rnc in glycerol
steam reforming at 500 °C during the 230 min test, regarding the conversion and
the yields of H2 and CO2. The yields of CO and methane were relatively stable.
Overall, H2, CO2, CO and methane yields and glycerol conversion decreased from
the initial values 50.4, 75.1, 13.9, 9.5 and 98.7 % to 42.3, 59.6, 7.1, 8.3 and
75.4 %, respectively. Besides ethene, other hydrogen-competing by-products
observed were ethene and ethane, with negligible yields below 0.4 and 0.2 %,
respectively.
The above results indicate that all three catalysts could achieve high glycerol
steam reforming activity at 500 °C, though the catalysts suffered from quick
deactivation to different extents. Considering the yields of H2 and CO2, catalysts
supported

on

ceria-promoted

alumina,
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i.e.

catalysts

A10C1Rnc

and

A10C10N1Rnc, show less pronounced reductions in steam reforming activities
than the alumina supporting catalyst A10N1Rnc in the same 230 min-on-stream.
This should be due to reduced surface acidity of ceria-modified alumina. It has
been observed by Pompeo et al.106 that acidic support prefers glycerol dehydration
to produce side products, such as 1,2-propanediol, acetol and 2-propenal, which
can then participate in condensation reactions to form 2-methyl-2-cyclopentenone
and phenol and eventually lead to coke formation and abrupt catalyst deactivation.

Figure 3.20 The evolution of selectivity to CO2, CO and CH4 during glycerol
steam reforming over catalysts (A) A10N1Rnc, (B) A10C1Rnc and (C)
A10C10N1Rnc at 500 °C with an S/C of 4.

For better observation of product distributions over catalysts A10N1Rnc,
A10C1Rnc and 10C10N1Rnc in glycerol steam reforming at 500 °C, the
variations in selectivity to C1-products with time on stream are summarized in Fig.
3.20. It can be observed that, concomitant with the deactivation of catalysts
A10N1Rnc and A10C1Rnc in steam reforming activity, as depicted in Fig. 3.17
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and

3.18,

respectively,

selectivity

to

methane

increased

significantly

accompanying with the decrease in that to CO. This evolution should be ascribed
to the more severe decline in methane reforming than methanation reactions (eq.
3.16 and 1.9), which are detrimental to H2 production. All three catalysts show
high selectivity to CO2, implying that they are highly active in WGS reaction (eq.
1.2). It should be noticed that, initially, the selectivity to CO was slightly higher
while that to CO2 was lower over catalyst A10C10N1Rnc in comparison to those
on the A10N1Rnc catalyst, suggesting that the addition of ceria did not improve
the initial activity in WGS reaction as it showed in the study of n-propanol steam
reforming. With EDX (Table 3.2) larger amount of Ni was detected over the
A10N1Rnc catalyst than on catalyst A10C10N1Rnc, this discrepancy also might
be due to the existence of higher amount of active Ni sites over the surface of
A10N1Rnc catalyst at the beginning of activity test. Consequently, the initial H2
yield over catalyst A10C10N1Rnc was below the value of that on catalyst
A10N1Rnc. Nevertheless, the most stable performance of catalyst A10C10N1Rnc
in glycerol steam reforming, indicated by steadily high CO2 and low CH4
selectivity, should be attributed to the promotional effect of ceria on water
dissociation and carbon gasification due to its redox property and superior oxygen
mobility.
To sum up, although catalysts A10N1Rnc, A10C1Rnc and A10C10N1Rnc
possessed high activities in glycerol steam reforming at 500 °C, their capacities to
convert glycerol to gaseous products diminished quickly due to coke formation
over the active species. Nonetheless, the stability of catalyst in glycerol steam
reforming activity was enhanced by ceria.
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3.2.2.2. Effect of reaction temperature

Figure 3.21 The evolution of glycerol conversion and product distribution during
glycerol steam reforming over catalysts A10C10N1Rnc at 450 °C with an S/C
ratio of 4. Selectivity to C1-products is depicted in the inset graph.

Figure 3.21 present the performance of catalyst A10C10N1Rnc in the steam
reforming of glycerol at 450 °C. As can be observed, highest activity in glycerol
steam reforming was achieved at 60 min-on-stream with the maximum H2 yield
and glycerol conversion of 48.5 % and 94.6 %, respectively. Glycerol conversion
to gaseous products then declined with time on stream, along with increasing
methane yield. Small amount of ethene and ethane with yields below 1.2 % and
0.6 %, respectively, were also detected.
From the comparison between Fig. 3.19 and 3.21, decreased H2 yield and
conversion of glycerol to gaseous products at lower temperature can be seen. The
inset graph of Fig. 3.21 shows the evolution of selectivity to C1-gases at 450 °C.
With respect to Fig. 3.20(C), it can be observed that lowering the reaction
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temperature from 500 to 450 °C resulted in the decreased selectivity to both CO2
and CO and the increased methane selectivity after 230 min-on-stream. These
observations are consistent with the thermodynamic properties of glycerol steam
reforming (eq. 1.17) and methanation reactions (eq. 1.9 – 1.10), since the former
one is endothermic and the later ones are exothermic. Insufficient activity in
breaking C-C bonds of catalyst A10C10N1Rnc at 450 °C is implied by the higher
C2-products yields comparing to those obtained at 500 °C. The lack of C-C bond
cleavage at lower temperature will lead the intermediates from dehydrogenation to
dehydration and form the aforementioned unsaturated side products and give rise
to coke formation after rearrangement and condensation.108 Nevertheless it is
noteworthy that, after 100 min-on-stream, the activity of catalyst A10C10N1Rnc
in glycerol steam reforming, in terms of CO2 and H2 yields, at 450 °C (Fig. 3.21)
is higher than that of catalyst A10N1Rnc at 500 °C (Fig. 3.17). According to
Buffoni et al.108 that the secondary reactions of unsaturated intermediates leading
to coke formation are mainly promoted on acidic sites over support surface, hence
the more stable performance of catalyst A10C10N1Rnc at 450 °C after 100
min-on-stream comparing to that of catalyst A10N1Rnc at 500 °C should be due
to the improved coke resistance by reducing the surface acidity of alumina with
the addition of ceria.
It can be concluded that decreasing the reaction temperature suppressed the
activity of catalyst A10C10N1Rnc in glycerol and methane steam reforming,
resulting in lower H2 yield.
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3.2.3.

Acetic acid

3.2.3.1. Effect of catalyst composition
Steam reforming of acetic acid (eq. 1.19) was investigated over catalysts
A10N1Rnc, A10C1Rnc and A10C10N1Rnc at 500 °C with a steam-to-carbon
ratio of 4; conversion and product yield as a function of time are shown in Fig.
3.22, 3.23 and 3.24, respectively.

Figure 3.22 Evolution of acetic acid conversion and product distribution during
acetic acid steam reforming over catalyst A10N1Rnc at 500 °C with an S/C ratio
of 4.
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Figure 3.23 Evolution of acetic acid conversion and product distribution during
acetic acid steam reforming over catalyst A10C1Rnc at 500 °C with an S/C ratio
of 4.

Figure 3.24 Evolution of acetic acid conversion and product distribution during
acetic acid steam reforming over catalyst A10C10N1Rnc at 500 °C with an S/C
ratio of 4.
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As Fig. 3.22, 3.23 and 3.24 show, the only gaseous products observed over
catalysts A10N1Rnc, A10C1Rnc and A10C10N1Rnc are H2, CO2, CO and CH4.
When steady state was achieved, all three catalysts showed high activity in acetic
acid steam reforming at 500 °C, regarding the conversion and the yields of H2 and
CO2. The A10C10N1Rnc catalyst presents stable activity throughout the reaction
time while catalyst A10N1Rnc took 60 min to reach relatively stable performance
and the A10C1Rnc catalyst slightly deactivated after 210 min-on-stream. It has
been reported by Güell et al. 109 that acetic acid molecules are activated by
decomposition on metal surface, as presented in eq. 3.18:
CH3COOH+2* → CH3* + CO2 (g) + H*

( 3.18 )

where the symbol * denotes a metal site. Methane can be formed through
recombination of surface CH3* and H* species which subsequently desorbs from
the catalyst surface. At the same time, similar to methane steam reforming,
adsorbed CH3* groups can undergo sequential H-abstraction to produce
chemisorbed C* species.110 The active C* species will then react with surface
oxygen containing species, which are spilled over from the support to form CO.111
The good performance of the three catalysts in acetic acid steam reforming should
be

attributed

to

the

high

activity

of

both

Ni

and

Ru

in

hydrogenation/dehydrogenation reactions of surface CH3* groups and thus can
release the hydrogen atoms and produce more active C* species.110,104
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Table 3.3 Average yields of gaseous products over catalysts A10N1Rnc,
A10C1Rnc and A10C10N1Rnc at steady states during acetic acid steam
reforming at 500 °C with an S/C of 4.
Catalyst

Y H2 (%)

Y CO2 (%)

Y CO (%)

Y CH4 (%)

A10N1Rnc*

60.3

82.3

9.4

11.2

A10C1Rnc

63.1

82.6

10.0

11.0

A10C10N1Rnc

64.8

83.2

13.5

6.6

Note: * only data collected after 60 min-on-stream are used for taking average.

Table 3.3 summaries the average products yields at the steady state over
these three catalysts. Comparing the product distributions on ceria-containing
catalysts A10C1Rnc and A10C10N1Rnc shown in Table 3.3 to that of catalyst
A10N1Rnc, increased CO2 and CO yields with the concurrently reduced methane
yields can be observed, particularly over catalyst A10C10N1Rnc. This
improvement, since methane is a hydrogen-competing by-product, should be
attributed to the enhanced water dissociation and oxygen mobility on the catalyst
surface in the presence of ceria. The highly mobile surface oxygen (O*) from
ceria can efficiently remove the surface C* species and produce carbon oxides.
The oxygen vacancies caused in carbon gasification over ceria surface will then
be filled by water dissociation. This promotion is also known to be beneficial to
enhancing the coke resistance of catalysts, resulting in stable catalytic activity.112
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3.2.3.2. Effect of reaction temperature
The activity of catalyst A10C10N1Rnc in acetic acid steam reforming in
terms of acetic acid conversion and gaseous products yields at 450 °C with a
steam-to-carbon ratio of 4 is presented in Fig. 3.25.

Figure 3.25 Evolution of acetic acid conversion and product distribution during
acetic acid steam reforming over catalyst A10C10N1Rnc at 450 °C with an S/C
ratio of 4.
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Figure 3.26 The evolution of selectivity to CO2, CO and CH4 during acetic acid
steam reforming over catalyst A10C10N1Rnc at 450 °C with an S/C of 4.

It can be observed by comparing Fig. 3.25 to 3.24 that catalyst
A10C10N1Rnc was less active and less stable in the steam reforming of acetic
acid when the reaction temperature was lowered from 500 to 450 °C, which is
reasonable

since

acetic

acid

steam

reforming

is

endothermic

and

thermodynamically prefers higher temperature. Whereas, carbon deposition is
favored at lower temperature, leading to catalyst deactivation. The maximum of
H2 yield at 450 °C was achieved at 90 min-on-stream with a value of 51.2 %, after
which the A10C10N1Rnc catalyst deactivated significantly, resulting in
decreasing acetic acid conversion and H2, CO and CO2 yields. Meanwhile,
methane yield increased remarkably over a factor of 2 accompanied by the
appearance of ethene. Figure 3.26 shows the variation of selectivity to CO2, CO
and CH4 over reaction time during acetic acid steam reforming at 450 °C. After 90
min-on-stream, the selectivity to CO decreased along with the increased CH4
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selectivity whereas the selectivity to CO2 remained relatively constant.
Considering the deactivation of catalyst in H2 production after 90 min of reaction,
increased methane and ethene yields and relatively stable CO2 selectivity should
be ascribed to the thermal decomposition of acetic acid (eq.3.19 and 3.20).
CH3COOH → CO2 +CH4

( 3.19 )

CH3COOH → C2H4, C2H6, coke, . . .

( 3.20 )

In conclusion, at temperature of 500 °C, catalysts A10N1Rnc, A10C1Rnc
and A10C10N1Rnc are adequate for steam reforming of acetic acid. Catalyst
A10C10N1Rnc possesses the highest and most stable activity in acetic acid steam
reforming with the lowest methane yield and the highest average H2 yield of
64.8 %. Lowering the temperature to 450 °C has negative effect on catalyst
A10C10N1Rnc in acetic acid steam reforming. At this temperature acetic acid
prefers thermal decomposition to steam reforming.

3.2.4.

Mixture consist of acetic acid and glycerol

The main objective of this work is to develop an adequate catalyst for bio-oil
steam reforming. From the results of previous sections, investigating the steam
reforming of three bio-oil model compounds, namely n-propanol, glycerol and
acetic acid, better and more stable performances of catalysts A10C1Rnc and
A10C10N1Rnc in steam reforming at 500 °C among all the catalysts studied can
be observed. The A10C10N1Rnc catalysts also possess steady and high
n-propanol and acetic acid steam reforming activities at 450 °C. These two
catalysts were selected for investigation of steam reforming of an acetic acid/
glycerol mixture. The aqueous mixture used was composed of acetic acid and
glycerol with a weight ratio of 3/7, to simulate the composition of a bio-oil
derived from fast pyrolysis of cellulose85. The steam-to-carbon ratio was adjusted
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to a value of 4. The steam reforming of the mixture was conducted on catalysts
A10C1Rnc and A10C10N1Rnc at temperatures 500 and 450 °C.

Figure 3.27 The evolution of carbon conversion and product distribution during
acetic acid/ glycerol mixture steam reforming over catalyst A10C1Rnc at 500 °C
(A) or 450 °C (C) and over catalyst A10C10N1Rnc at 500 °C (B) or 450 °C (D).
The weight ratio between acetic acid and glycerol was 3 to 7. Steam-to-carbon
ratio was adjusted to 4.
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Figure 3.28 The evolution of selectivity to methane over catalysts A10C1Rnc and
A10C10N1Rnc during acetic acid/ glycerol mixture steam reforming at 500 and
450 °C. The weight ratio between acetic acid and glycerol was 3 to 7.
Steam-to-carbon ratio was adjusted to 4.

Fig. 3.27 summaries the performances of catalysts A10C1Rnc and
A10C10N1Rnc in the steam reforming of acetic acid/ glycerol mixture at 500 and
450 °C. It can be observed that, at the same reaction temperature, bimetallic
catalyst A10C10N1Rnc was more active and stable than monometallic catalyst
A10C1Rnc, having higher H2 and CO2 yields, owing to the large loading of Ni
which is highly active in C-C bond rupture and hence prevents the dehydration of
intermediates from glycerol dehydrogenation to form unsaturated coke precursors.
The selectivity to methane at 500 °C was also lower on catalyst A10C10N1Rnc
compared to that on the A10C1Rnc catalyst, as presented in Fig. 3.28, indicating
the higher activity of catalyst A10C10N1Rnc in reforming of surface –CHx
species, and hence H2 production was favored over catalyst A10C10N1Rnc.
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Figure 3.29 The evolution of selectivity to CO2 over catalysts A10C1Rnc and
A10C10N1Rnc during acetic acid/ glycerol mixture steam reforming at 500 and
450 °C. The weight ratio between acetic acid and glycerol was 3 to 7.
Steam-to-carbon ratio was adjusted to 4.

Taking Fig. 3.27(C) and 3.27(A) into comparison, tremendous decrease in
carbon conversion from liquid reactants to gaseous products over catalyst
A10C1Rnc can be observed. From Fig. 3.28 and 3.29, it can be noticed that the
evolution of selectivity to CH4 and CO2 over catalyst A10C1Rnc at 450 °C are
obviously different from that during other three experiments and, furthermore,
with time on stream, CO2 and methane selectivity approached the same value.
Thus, it might be possible that gaseous products over catalyst A10C1Rnc at
450 °C were mainly from acetic acid thermal decomposition (eq. 3.19) which
gave rise to the same yields of CO2 and methane. This observation implies that
C-C bond cleavage over Ru sites was insufficient at the low temperature of
450 °C.
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In contrast, when comes to the comparison between Fig. 3.27(B) and 3.27(D),
less reduction in carbon conversion by lowering reaction temperature can be seen
over catalyst A10C10N1Rnc, suggesting that Ni is a crucial component in steam
reforming of acetic acid/ glycerol mixture. However, catalyst A10C10N1Rnc
shows more significant deactivation with time on stream at 450 °C comparing to
the relatively stable performance at 500 °C. According to Buffoni et al.108, as
mentioned before, lower temperature suppresses the activity of metal species in
C-C bonds breakage of glycerol molecules and favors the dehydration reactions
promoted on support acidic sites, which lead to the coke formation and cause the
catalyst deactivation. As depicted in Fig. 3.28, higher selectivity to methane
formation can be observed at 450 °C over catalyst A10C10N1Rnc, due to the
exothermic property of methanation reactions (eq. 1.9 – 1.10).
It is also noteworthy that, regardless of the catalyst composition and reaction
temperature, no obvious improvements or suppressions in H2 yield and CO2
selectivity were brought by using the acetic acid/glycerol mixture as feed instead
of individual acetic acid or glycerol, as can be observed by comparing Fig. 3.27A
to 3.18 and 3.23 or Fig. 3.27B to Fig. 3.24 or from the comparison among Fig
3.21, 3.25 and 3.27D. Thus, it is suggested that any possible reaction between
acetic acid and glycerol on the catalyst surface has neither positive nor negative
influence in steam reforming reactions to produce H2.
In conclusion, Ni is suggested to be a vital active species and lowering the
reaction temperature shows detrimental effect on acetic acid/ glycerol mixture
steam reforming. When catalyst was lack of capacity in breaking C-C bonds at
lower temperature, gaseous products was mainly contributed by thermal
decomposition of acetic acid. Best performance in steam reforming of acetic acid/
glycerol mixture was achieved at 500 °C over catalyst A10C10N1Rnc. Regarding
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both the high H2 production and stable steam reforming activity with average H2
and CO2 yields of 62.4 and 79.4 %, respectively, in the 4h reaction, catalyst
A10C10N1Rnc is proved to be an adequate catalyst in acetic acid/ glycerol
mixture steam reforming at 500 °C.
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3.4 Cyclic carbonation/regeneration test of absorbent

Figure 3.6 The 15-carbonation/regeneration-cycle tests of absorbents (A) CA, (B)
CAM and (C) CGM in a TGA. Carbonation lasted 150 min/cycle in 15 % CO 2 in
N2 at 650 °C. Regeneration was carried out in pure N2 at 900 °C for 10 min/cycle.
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Figure 3.6 summaries the performances of absorbents CA, CAM and CGM
in 15-carbonation/regeneration-cycle tests in term of weight percentage as
functions of time shown in Fig. 3.6A, Fig. 3.6B and Fig. 3.6C, respectively. In
each carbonation process, two stages can be observed, as reported by Li et al. 71:
the fast chemical-reaction controlled stage, resulting in rapid increase in sample
weight, and the relatively slower diffusion controlled stage, presenting as the
flattening in weight growth. Regarding to Fig. 3.6, at cycle 15, the first stage
ended most quickly in the carbonation of absorbent CA, followed by absorbent
CAM. The absence of an obvious plateau in the weight increasing pattern during
the carbonation of absorbent CGM suggests the lack of sufficient time for
completing CO2 absorption. Hence, the performance of absorbent CGM might be
underestimated by allowing only 150 min for carbonation. Furthermore, the
continuing loss of weight during the test of absorbent CA should be ascribed to
the decomposition of remaining CaAc2 components. This observation is consistent
with the XRD pattern of absorbent CA, which indicates the incomplete conversion
of CaAc2 into CaO. From Fig. 3.6, the more stable performances of
MgO-supported absorbents CAM and CGM comparing to that of non-support
absorbent CA can be clearly observed.
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Figure 3.7 Variations in CO2 absorption capacity of absorbents CA, CAM and
CGM during the 15-carbonation/regeneration-cycle tests as functions of cyclic
number.

Figure 3.7 depicts the CO2 absorption capacities of absorbents CA, CAM and
CGM versus cycle number. It can be observed that the non-supported absorbent
CA has the highest CO2 absorption capacities in the first 3 cycles among three
absorbents investigated. However, the CO2 absorption capacity of absorbent CA
was surpassed by that of absorbent CAM at the fourth cycle and further became
the lowest in value after 7 cycles. The rank of CO2 absorption capacity at cycle 15
is: CAM > CGM > CA.
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Figure 3.8 Variations in CaO molar conversion of absorbents CA, CAM and
CGM during the15-carbonation/regeneration-cycle tests as functions of cyclic
number.

The CaO molar conversions of absorbents CA, CAM and CGM as functions
of cyclic number were compared in Fig. 3.8. As can be seen from Fig. 3.8, the
CAM absorbent shows the highest molar conversion throughout the test, followed
by absorbent CGM and lastly the CA absorbent.
The difference in ranking presented in Fig. 3.7 and 3.8 in the first 7 cycles
should be due to that the molar conversion is defined as the number of moles of
carbonated CaO normalized by that of CaO alone contained in the absorbent
whereas, for the calculation of CO2 absorption capacity, the number of moles of
CO2 absorbed, which is equal in value to that of carbonated CaO, is divided by the
weight of entire absorbent, which also includes the weight of MgO support in the
CAM and CGM absorbents. Therefore, less CaO was available for CO2 absorption
in the MgO-supported absorbents for a given weight.
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Overall speaking, although non-supported absorbent CA shows the highest
CO2 absorption capacity in the first 3 cycles, which soon decreased over a factor
of 4, MgO-supporting absorbents CAM and CGM have higher CaO molar
conversions and more stable performances. The loss of absorbent CA in CO2
absorption capacity should be mainly ascribed to sintering.82 On the other hand,
according to Albrecht et al113, though the presence of inert MgO resulted in lower
CO2 absorption capacities, it improved the resistance of absorbent CAM and
CGM to sintering and hence enhanced the stability.
Among three absorbent investigated, the one named as CAM, derived from
calcium acetate and supported on 50 wt% MgO, shows the best performance in
the 15-carbonation/regeneration-cycle test carried out in the present work and was
chosen for the following investigation of sorption-enhanced steam reforming.

132

3.4 Sorption-enhanced steam reforming

Figure 3.9 The evolution of carbon conversion and product distribution during the
sorption-enhanced steam reforming of an acetic acid/ glycerol mixture over
catalyst A10C10N1Rnc at 500 °C in the presence of absorbent CAM. The weight
ratio between acetic acid and glycerol was 3 to 7. Steam-to-carbon ratio was
adjusted to 4.

To investigate the sorption-enhanced steam reforming of acetic acid/glycerol
mixture, catalyst A10C10N1Rnc and absorbent CAM were mixed in amounts of
0.025 and 1 g, respectively. The loadings of ceria, Ni and Ru of catalyst
A10C10N1Rnc were 9.12, 11.92 and 3.04 wt%, respectively. Absorbent CAM
was derived from calcium acetate and supported on MgO. The weight ratio of
acetic acid to glycerol in the feed was 3 to 7. Steam to carbon ratio was adjusted
to 4. The experiment was carried out at 500 °C and the feed rate was at 0.01
ml/min. The product distribution and carbon conversion into gases are shown in
Fig. 3.9 as a function of time.
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Fig. 3.9 shows that, H2, CO2, CO and CH4 are major gaseous products with
small amounts of C2H4 and C2H6. The yield of H2 was relatively stable and
increased slightly from 22.8 to 23.9 % with time on stream. The CO yield
decreased gradually with a concomitant increase in that of CH4. The yield of CO2
remained at around 6.7 % for 120 min and showed a sudden increase 20 min after
to 25.62 % and kept increasing to 29.42 % at 180 min-on-stream. Similar pattern
to CO2 yield was followed by the apparent conversion: no significant change in
the first 120 min observed, then a dramatic increase showing at 140
min-on-stream with the maximum value of 50.17 % achieved at 180
min-on-stream.
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Figure 3.10 The evolution of selectivity to H2, CO2, CO and CH4 during (A) the
first 120 min or (B) the last 40 min of sorption enhanced steam reforming of an
acetic acid/ glycerol mixture over catalyst A10C10N1Rnc at 500 °C in the
presence of absorbent CAM. The weight ratio of acetic acid to glycerol was 3 to 7.
Steam-to-carbon ratio was adjusted to 4.

According to Fig. 3.9, two stages, before and after 130 min-on-stream,
during the sorption-enhanced steam reforming can be observed. The dramatic
increase in CO2 yield at 140 min indicates the CO2 breakthrough from absorbent
CAM. The selectivity to H2 and CO before 130 min-on-stream, presented in Fig.
3.10A, suggests the thermal decomposition of glycerol (eq. 3.15) to CO and H2.
Higher selectivity to H2 than that to CO should be the results of WGS reaction,
leading to extra H2 yield and the formation of CO2. As indicated by the selectivity
to CH4, CO2 yield should also be attributed to the decomposition of acetic acid (eq.
3.19). The low CO2 yield observed in Fig. 3.9 before 130 min-on-stream reveals
the absorption of CO2 generated from WGS reaction and acetic acid
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decomposition by the absorbent CAM. After 120 min-on-stream, as shown in Fig.
3.10B, the observable selectivity to CO2 increased significantly, indicating that
absorbent CAM reached the upper limit of CO2 absorption capacity under current
conditions.
Based on the above observations, it can be concluded that steam reforming
activity of acetic acid/glycerol mixture on catalyst A10C10N1Rnc was not
improved by the addition of CAM absorbent, possibly due to low CO2 absorption
capacity under the reaction condition of steam reforming. Gaseous products were
mainly generated from decomposition of glycerol and acetic acid.
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CHAPTER IV
Conclusion and Future plan
4.1. Conclusion
From the experiments using n-propanol as the model compound, It is shown
that, with a similar loadings of active species, catalysts supported on less acidic
support, such as ceria-silica and ceria-alumina with respect to alumina, preferred
more steam reforming of n-propanol. Otherwise, n-propanol dehydration on the
support acidic sites would dominate the process and lead to low H2 yield and
quick deactivation of catalyst, as a result of formation of coke precursors. Similar
influence of acidic support can also be observed in steam reforming of glycerol:
alumina-supported catalyst A10N1Rnc deactivated soon while ceria-alumina
supported catalysts show relatively stable performance. The effect of surface
acid/base properties of catalysts is less pronounced on steam reforming of acetic
acid, which should be attributed to the different activation pathway of acetic acid
molecules over catalyst from that of n-propanol and glycerol molecules. The
enhanced activity of catalyst in steam reforming of n-propanol and glycerol over
ceria-promoted supports should be due to the redox properties of ceria. It has been
reported in the literature that ceria will induce the breakage of O-H bond other
than C-O bond during the activation of alcohols, thus dehydrogenation reaction,
which is beneficial to H2 production, is preferred.
It is also revealed that catalysts prepared by incipient wetness impregnation
possessed higher activities in n-propanol steam reforming than the ones prepared
by sol-gel method. According to the XRD patterns and TPR profiles, better
performance of the catalysts prepared by impregnation should be contributed by
137

the better dispersion of active species over support surface, resulting in more
active metal sites for C-C and C-H bond rupture and also achieving sufficient
reduction of acidic sites exposed to the reactant. Furthermore, as suggested by the
EDX data, lower activity of SG-catalysts might also be due to the loss of Ru
components during calcination.
The positive effects of increasing Ni and/or ceria contents on n-propanol
steam reforming are indicated by the improved and stable selectivity to H2 and
CO2 over catalysts containing 10 wt% Ni and/or 10 wt% ceria. The variation in
product distribution further implied that higher Ni loading greatly enhanced the
capability of catalyst in C-C bond rupture while by adding larger amount of ceria
the catalyst surface acidity was effectively reduced and the WGS reaction was
enhanced through a ceria-mediated redox process.
Table 4.1 summarized the relationship between catalyst structure and
catalytic activities:
Table 4.1 Correlation of the catalyst structure and its activity.
Existing in small particles
Ru

1. High activity in oxygenates
reforming.
2. Improved coke resistance.

steam

1. High activities in oxygenates dehydration
Existing in large particles

and methanation.
2. Low activity in
reforming.

oxygenates

steam

Interacting with ceria

1. Reduction easier.
2. Carbon deposition low due to oxygen
spillover from ceria. These mobile oxygen
species originated from ceria and/ or water
dissociation.

Not interacting with ceria

1. Quick deactivation in oxygenates steam
reforming.

Ni
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Among all the catalysts prepared and investigated in the present work, the
A10C10N1Rnc catalyst containing 3.04 wt% Ru, 11.92 wt% Ni and 9.12 wt%
ceria, shows the best performance in catalytic steam reforming to produce H2 at
both 500 and 450 °C regardless the reactant used.
Results from the 15-carbonation/regeneration-cycle test suggested that MgO
effectively enhanced the stabilities of CaO derived from both calcium acetate and
calcium gluconate.
Finally, the A10C10N1Rnc catalyst and the CAM absorbent were applied in
the investigation of sorption-enhanced steam reforming of acetic acid/glycerol
mixture at 500 °C. However, the product distribution suggested that, instead of
steam reforming, thermal decomposition of acetic acid and glycerol predominated.
Absorbent CAM was not sufficiently active as indicated by the CO2 yield
throughout the test.
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4.2. Limitations
Firstly, it can be consistently observed that reactant conversions based on
gaseous products yields exceeded 100 %. This should be ascribed to less accurate
calibration by using stagnant standard gas mixture or due to the unstable
performance of flow controller when calibrating with the fluidized gas mixtures
with known compositions.
Secondly, since H2 was monitored by another GC other than the one used for
detecting carbon-containing gases, the change in sensitivity of two GC during
each test might be different and resulted in H2 yield which deviated from the value
that theoretically could be obtained base on the amount of carbon containing
gaseous products. Since only the carbon containing gases CO, CO2, CH4, C2H4,
C2H6, C3H6 and C3H8 were monitored and considered as gaseous products in the
present work, reactant conversion might be underestimated.
Last but not least, the carbonation period for absorbent CGM might be
insufficient and hence the CO2 absorption capacity of CGM absorbent might be
underestimated.
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4.3. Future plan
As discussed in the section 3.4, no improvement can be observed in the
steam reforming of acetic acid/glycerol mixture at 500 °C over the A10C10N1Rnc
catalyst with the addition of absorbent CAM. Though the CAM absorbent shows
high CaO molar ratio at 650 °C, the CO2 yield observable from the beginning of
the SESR test indicates the insufficient CO2 absorption capacity under the steam
reforming conditions studied. Kato et al. 114 reported a lithium orthosilicate
powder (Li4SiO4) as CO2 absorbent and observed the high reaction rate of Li4SiO4
and CO2 at 500 °C. Figure 4.1 shows the cyclic carbonation/regeneration tests
carried out at 700 °C for carbonation and 800 °C for decarbonation, which reveals
the stability of Li4SiO4 as a CO2 absorbent.

Figure 4.1 Cyclic behavior of CO2 absorption and release for Li4SiO4.114

Hence, for enhancement of the H2 production from catalytic steam reforming of
oxygenates at lower temperatures, such as 500 or 450 °C, Li4SiO4 might be a good
alternative of CaO-based absorbent.
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